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Abstract

The scientific community has proven that anthropogenic actions have contributed to the

global warming which has been experienced since industrial revolution times in our planet.

Essential actions such as the transition of the actual energy system based on conventional

fossil fuels to a system based 100% on renewable sources is required in order to mitigate

the impacts on the population and the planet itself. Therefore, several governments world-

wide have started to integrate renewable energy generators into their energy systems, these

changes should be carried out gradually thus proper policies, social consents are taken into

account and technology maturity is achieved. Germany is one of the leading countries in

the world which supports and invests in renewable energies. Governmental institutions,

the industry sector and scientific experts have foreseen that the expansion towards a 100%

renewable energy system is not achievable without an appropriate expansion of energy

storage technologies. These technologies can be distinguished themselves by their nature

i.e chemical, electrical, electro-chemical, mechanic or thermal. Most importantly, such

technologies should be able to receive or inject an amount of energy during a determined

period of time, they can also be classified according their storing duration as short-term

or long-term energy storage technologies. In an energy system with high penetration of

renewable energies is expected that seasonal electricity surpluses arise which means that

long-term energy storage technologies are going to play an important role in balancing the

demand and production side.

For example Power-to-Gas (PtG) plants are classified as a type of long-term energy storage

technologies, PtG plants store electricity surpluses from renewable energy sources most-

likely wind and PV farms by producing gaseous energy carriers such as hydrogen and

methane. An essential component of the plant consists of a catalytic reactor which opera-

tion and temperature control are very important in terms of the efficiency. Some reactor

concepts have been adapted for Power-to-gas technologies whereas other innovative ideas

are currently being developed. Micro-channel reactors represent an attractive concept due
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to their great heat and mass transfer properties. The scope of this doctoral thesis comprises

the development of a mathematical model which estimates the concentration of CH4 in the

reactor product gas and its dependency with different operating points. The model consists

of partial differential equations which are solved using Matlab-Simulink. Tests are carried

out in a lab-scale PtG plant which was built at Fraunhofer Institute for Energy Economics

and Energy System Technology (IEE) in Kassel in order to validate the model results and

determine the values of the activation energy (Ea), the pre-exponential Arrhenius factor

(A) and the empirical coefficient (n). A comparison between the estimated and measured

results is presented and discussed, finally conclusions are drawn and some perspectives and

recommendations for future projects are presented.
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Nomenclature

A Pre-exponential factor of the Arrhenius form �mol1�n�5m15�3�nsec�1�n�

Ac Channel cross-sectional flow area �m2�

Cp Heat capacity of the gas phase �J�kgK�

De
k,Kn Effective Knudsen diffusion coefficient �m2�sec�

Dkl Binary diffusion coefficients �m2�sec�

De
kl Effective binary diffusion coefficient �m2�sec�

Dkm Mean mixture diffusion coefficient �m2�sec�

Ea Activation energy �J�mol�

f Friction factor ���

G Gibbs free energy ���

G�

r Standard molar Gibbs free energy ���

Gz Graezt number ���

H Enthalpy �J�mol�

Hch Channel height �m�

hk Species heat enthalpy �J�mol�

hconv Heat transfer coefficient �W �m2K�

jk Diffusive mass flux of gas-phase species �kg�m2sec�

kb Boltzmann constant �J�K�

Keq Reaction equilibrium constant ���

Kg Number of gas species ���

kf Forward rate constant �mol1�n�5m15�3�nsec�1�n�

kr Backward rate constant �mol1�n�3m9�3�nsec�1�n�

L Channel length �m�

n Empirical coefficient ���

Nu Nusselt number ���

P Gas phase pressure �Pa�

Pc Catalytically active perimeter of the channel �m�
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Dh Hydraulic diameter of the channel �m�

Pk Partial pressure of species k �Pa�

P
�

Corrected partial pressure of species k �Pa�

P
�

know Normalised partial pressure of species k �Pa�

Pr Prandlt number ���

q Global rate of progress of the Sabatier reaction �mol�m3sec�

qg Heat flux �W �m2sec�

q̇qw Convective heat transfer rate between channel flow

and reactor channel wall

�W �m3�

R Universal gas constant �J�molK�

Re Reynolds number ���

S Entropy �J�molK�

ṡk Molar production rate of species by surface reaction �mol�m2sec�

sv Space velocity �sec�1�

t Time �sec�

T Absolute temperature �K�

Tg Temperature of the gas phase �K�

Tw Channel wall temperature �K�

u Mean gas phase velocity �m�sec�

V̇kest Estimated outlet volumetric flow of species k �l�h�

V̇kin Inlet volumetric flow of species k �%�

V̇kmes Measured outlet flow of species k �l�h�

V̇knew New outlet volumetric flow of species k �l�h�

V̇totalnew New total volumetric flow �l�h�

Wch Channel width �m�

Wjk reduced molecular weight �g�mol�

Wk Species molecular weight �kg�mol�

W Average molecular weight of the gas phase �kg�mol�

x Spatial coordinate �m�

Xk Gas species mole fraction ���

Xknew Gas species mole fraction (water considered) ���

�Xk� Gas species mole concentration �mol�m3�

�XT � Total gas phase mole concentration �mol�m3�

Yk Species mass fraction ���

α Channel aspect ratio ���
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λ Thermal conductivity of the gas phase �W �mK�

μ Viscosity of the gas phase �Nsec�m2�

νk Species stoichiometric coefficient ���

ρ Mass density of gas phase �kg�m3�

τ Educt residence time in the reactor �sec�

τw Wall shear stress �Pa�

ε Reduced potential well depth

σ Reduced collision diameter �Å�

ξH2est Estimated conversion of hydrogen ���
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Introduction

Climate change is one of the biggest challenges that humanity will face in the next decades.

It is crucial to ensure a successful energy transition from a system based on fossil fuels to a

safe, affordable and reliable system based on renewable energy sources (RES) such as the

sun, wind, geothermal, hydro-power and biomass. Such a transition can be achieved by de-

veloping new technologies and strategies which promote the use of e.g. clean electricity or

heat as well as promote the increase in the energy efficiency. Germany has already started

its energy transition, several clean technologies are mature, operational and produce more

than 25% of the electricity [1]. Further growth and funding for technology development

is foreseen in the near future. In this context, renewable energies (RE) are expected to

contribute with 40 - 45% of the electricity production by 2025, 55 - 60% by 2035 and at

least 80% by 2050 [1].

However, the production of electricity through RE represents well-known challenges for

the infrastructure of the actual electrical system such as the fluctuation of the electricity

production, its volatility and forecasting errors inherent to the resource. These issues cause

grid stability problems as a consequence of the mismatch between produced and consumed

electricity. This issue can be overcome by developing and integrating storage technologies

which are either able to deliver or take high quantities of energy in short or relatively

long periods of times according to the temporal demand. Although, this issue is actually

managed in Germany mainly by 0.04 TWh of pumped-storage hydropower plants (PHSP)

[2], it is foreseen that PHSP and other storage technologies such as adiabatic compressed-

air storage systems (ACAS) and batteries will not be able to supply the required storage

capacity to balance the electric grid in the future [2][3].

In this context, the PtG concept which is described in section 2.1 represents an alter-

native to store electricity in form of gaseous energy carriers such as hydrogen and methane
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for a long period1 of time due to the large storage capacity of the German gas grid com-

pared to other storage technologies. PtG plants consists of two components, one where

hydrogen is produced via electrolysis and a second where hydrogen reacts with carbon

dioxide/monoxide to produce methane (Sabatier reaction). The latter is called methana-

tion and currently, five different Sabatier reactor concepts have been tested for this process

step: fixed-bed, fluidised-bed, honeycomb, bubble column and micro-channel reactor, their

respective description as well as pros and cons are presented in section 1.4.2.

Fraunhofer Institute for Energy Economics and Energy System Technology (IEE) in co-

operation with Fraunhofer Institute for Microengineering and Microsystems (IMM) have

decided to pursue a roadmap to develop PtG plants from lab- to demo-scale. The reactor

concept which is adopted for this purpose is a micro-channel reactor whereas the production

of hydrogen will be provided via Polymer Electrolyte Membrane Electrolysis (PEM)2. As

first scale, a 10 kW3
th lab-plant to gain experience was built up; as second scale a 50kW4

el

is planned to start operating by 2017 in the Hessian Biogas Research Center (HBFZ). As

further step, a 500kW5
el PtG plant will be integrated to a biomass plant in the federal state

of Thüringen - Germany. In all cases the Sabatier-reactor is manufactured and delivered

by Fraunhofer IMM.

Within this roadmap, the objective of this doctoral thesis is modelling and experi-

mental testing of an innovative reactor for a Power-to-Gas plant. In order to

achieve the objective, a mathematical model considering physical and chemical processes

in the reactor was programmed in Matlab-Simulink. Different operating points regarding

the temperature, pressure and inlet volumetric flow of educt gas were simulated. Subse-

quently, experimental test were carried out in order to acquire data which allowed model

validation. The model will be used as an state observer for a pilot PtG plant.

In chapter 1 of this doctoral thesis, the role of energy storage technologies in a renew-

able energy based system is discussed. Additionally, the PtG technology as a way to store

electricity surpluses is introduced. Moreover, the state of the art of water electrolysers, a

1In the range of days, weeks and even months
2Except for the lab-scale where hydrogen was supplied by conventional gas bottles.
3The rated power refers to the caloric value of the product gas.
4The rated power refers to the electrical rated power of the electrolyser. The PtG plant will be built up
in HBFZ and offers the possibility to apply the knowledge acquired in the lab-scale plant.

5The rated power refers to the electrolyser.
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comparison between the biologic and catalytic methanation as well as a comparison be-

tween the reactor concepts used for methanation is presented. Chapter 2 introduces the

PtG concept, it discusses the technology efficiency and different sources of carbon dioxide.

Additionally, the option biogas as carbon dioxide source in Germany for PtG plants is

presented. This chapter concludes by presenting the different carbon dioxide capture and

storage technologies (CCS). Chapter 3 describes the modelling of the chemical equilibrium

for the methanation reaction as well as the governing equations of the mathematical model.

Additionally, this chapter presents the simulation environment, model estimates and how

the reactor model is going to be implemented in the control strategy. Chapter 4 describes

the components and sub-components of the lab-scale PtG plant such as gas supply, metha-

nation unit and technique of measurement. Chapter 5 presents the conditions at which the

experimental tests were carried out, a comparison between the model estimates is as well

presented. The plant was operated at four different points regarding the inlet volumetric

flow of educt gas (0.25, 0.50, 0.75 and 1.0 Nm3/h), the reactor operating pressure and tem-

perature were set to 15 bar and 350 �C, water vapour was condensed and separated from

the product gas downstream the reactor. In order to analyse the product gas composition

samples were taken and sent to a laboratory. Chapter 6 discusses the results and gives an

outlook of the new steps which are needed in future projects.

xvii
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1 Theoretical background and

technological state of the art

In section 1.1 the role of energy storage technologies in a renewable energy based system is

discussed. Additionally, different storage technologies e.g. PHSP, pore and cavern storage,

flywheel among others are presented. In section 1.2 the PtG technology is introduced as

a way to store electricity surpluses, a discussion about how much PtG installed capacity

for different RE-based scenarios is presented. In section 1.3 electrolysers technologies

are presented, their technical and operating characteristics as well as the drawbacks of

each technology and how the integration with RES is affected are mentioned. Section 1.4

describes the biological and catalytic methanation processes, the differences between them

are commented. Finally, this section presents different reactor concepts used for biologic

and catalytic methanation.

1.1 Role of energy storage technologies in a renewable

energy based system

Germany has decided to change its actual energy system in order to reduce greenhouse

emissions by 80% - 95% until 2050 compared to 1990 [5] and consequently reach the goals

established by the IPCC [6]. Jentsch [5], discussed in her work three different scenarios

regarding the share of RE in the German gross electricity consumption until 2050. The first

scenario corresponds to a renewable energy share of 40% and it is supposed to be reached by

2020. This scenario considers photovoltaic farms as the most dominant technology with an

installed capacity of 53.5 GW followed by onshore and offshore wind farms with an installed

capacity of 39 and 10 GW respectively, 7.8% of the share is assumed to be provided by other

renewable technologies1. The next scenario has to be reached by 2030 and corresponds to

1As other renewable technologies, river power plant, geothermal power and bio CHP power stations are
considered
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a share of 63%, by then there will be 65 GW of photovoltaic farms installed, 46 GW of

onshore wind farms and 24 of offshore wind farms, 8.4% of the share is assumed to be

provided by other renewable technologies1. The last scenario is supposed to be reached by

2050, it corresponds to a 85% share of the gross electricity generation and can be divided as

follows: 79 GW installed of photovoltaic farms; 54.3 GW of onshore wind farms, 34.5 GW

of offshore wind farms and 10.5% of the share provided by other renewable technologies1 [7].

Figure 1.1 illustrates the scenarios mentioned above. Furthermore, Fraunhofer IEE carried

out a study where 100% electric supply in Germany through RE sources is considered. It

was concluded that for a such scenario, 60% from the electricity supply should be provided

by wind farms which corresponds to an installed capacity of 87 GW onshore wind farms,

40 GW offshore wind farms, 20% of the electricity supply by photovoltaic farms (133.7

GW), 20% by bioenergy (17.3 GW) and 10% by hydroelectric and geothermal power (9.5

GW) [8]. Wind farms should operate 8.760 hours i.e. the complete year whereas biogas

plants and photovoltaic farms should operate below 8000 and 5000 hours respectively [8].

Figure 1.1: RE installed capacities for the 40%, 63% and 80% scenario [9].

An increase of RE in the energy system implies fluctuation of the electricity production

due to the seasonal changes of the resource. Spatial balance of the power generated and

consumed can be achieved by transporting electricity from a region(s) where surpluses

arise to a region(s) where there is a need of electricity. However, it is important to note

that this mechanism is not always possible due to capacity limitations of the electric grid

infrastructure or the demand/production profile between regions. Temporal balance of

the electric grid can be achieved by storing electricity surpluses for a period of time in

order to be used when required. However, appropriate energy storage technologies which
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are integrated in an adequate manner, which are flexible enough and able to meet the

grid requirements every time must be developed and deployed. Figure 1.2 illustrates the

residual last considering 100% electricity production from RE sources. If the complete year

for this scenario is considered, around 187.7 TWh electricity surpluses are expected to be

generated [10].

Figure 1.2: Residual load for a 100%-RE scenario [10].

Energy storage technologies can be classified into short term storage technologies which

are able to store/deliver electricity for few hours and long term storage technologies which

are able to store/deliver electricity surpluses for a time period of weeks or months. If all

other sources of energy are shut down, the latter type is expected to balance the electric

grid for a period of days considering the average consumption in Germany [8]. PHSP pump

water to a higher reservoir at times when electricity surpluses arise to be later directed

to a turbine in order to meet the electricity demand, its storage capacity depends on the

reservoir height and size. This type of storage technology has an efficiency between 70% -

80% [11][12] and an energy density between 0.2 - 1.6 kWh/m3. Considering a height of the

water column between 70 - 600 m, pumped hydro electric storage plants are flexible e.g.

the power plant Goldisthal which has a rated capacity of 1060 MW is able to operate its

turbine at full load within 98 seconds and its pump within 256 seconds, this power plant

can operate for 8 hours which corresponds to a storage capacity of 8480 MWh [12] per day.

The role that this technology can play in a 100% RE scenario depends on the geographical

conditions [8]. The study presented by Knorr et al. [8] for the 2020 scenario suggested the

operation of 39 PHSP (83.7 GWh capacity) with a generating, pumping capacity of 11.1

and 12.2 GW respectively, two ACAS systems with a generating capacity of 0.4 GW and
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a pumping capacity of 0.2 GW are as well considered. Moreover, PHSP are estimated to

operate more often during summer than winter due to the fact that PHSP are normally

designed to support the distribution of the feed-in capacity of photovoltaic systems during

the day. Figure 1.3 depicts the spatial distribution of PHSP and identified areas for new

projects in Germany. For example, in the federal state Thüringen, 13 locations with a

potential of 5.1 GW were identified [12]. In Bayern, 16 locations with a potential of 11

GW were identified [12]. In the federal state Baden-Württemberg 13 locations with a

total capacity of 19 GW were identified [12]. In Nordrhein-Westfahlen, 5 locations with a

potential of 1.4 GW were identified [12].

Figure 1.3: Pumped hydro electric storage plants for a 40%-RE scenario and adequate
areas [8].

In addition to PHSP, there is a high potential to store energy with pore and cavern

storage technologies. Thereby, hydrogen, air, methane and carbon dioxide can be com-

pressed and stored in underground hollow voids or pressurised containers to be used when

required. Among the aforementioned gases, methane has the highest calorific value (1100

kWh/m3 at 120 bar) followed by hydrogen (280 kWh/m3 at 120 bar) and compressed air

(2.9 kWh/m3 at 20 bar) [12]. There is a maximal potential2 in Germany of 325 TWh if

new pore and cavern storage systems with a total volume of 11.6 and of 19.3 billions Nm3

respectively are considered [12]. Moreover, the Zentrum für Energieforschung Stuttgart

reported in 2012 a maximal potential3 of 671 TWh for compressed air and 1763 TWh for

2It refers to the amount of chemical energy which can be stored in form of methane for that specific
volume of cavern and pore storage systems.

3It refers to the potential of salt caverns in the north of Germany. It is important to note that unavail-
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hydrogen. Flywheel energy storage systems store electricity surpluses in form of rotational

energy. This technology consists of an electric motor/generator, a bearing, the flywheel

itself and a frequency converter which allows to output the grid frequency even though the

rotational speed can variate during the charging/discharging process [11]. The limiting fac-

tor regarding the maximal value of the rotational speed which can be reached is the tensile

strength of the material, therefore light materials with high tensile strengths are preferred

in order to achieve high energy densities [12][11]. Flywheel energy storage systems can

be classified as low-speed or high-speed flywheels. On the one hand, low-speed fly wheels

are made of metallic components, an operating range of 5000 - 10000 rpm and an energy

density of 5 Wh/kg [11][12] can be achieved. On the other hand, High-speed flywheels can

operate in a higher range regarding the rotational speed (up to 100000 rpm), thus energy

densities of 100 Wh/kg can be achieved; the normal application range regarding the rated

power and storage capacity of flywheels spans between 100 - 250 kW and 3.3 - 25 kWh

respectively [11][12]. Since, flywheels can be charged and discharged very quickly (within

milliseconds with an efficiency of 95%), this type of energy storage technology is adequate

and preferred to feed in or receive peak power [11][12] for short periods of time.

Superconducting magnetic energy storage systems represent another type of technology.

These storage technologies store direct current which is then used as a source of a mag-

netic field [13][12][11]. During the charging process a coil with superconductive properties

is supplied with direct current produced by a rectifier, thereby a magnet field is created

and energy can be stored, once the charging process is completed the circuit is closed by

using a superconductive switch. During the discharging process, the circuit is connected

to an inverter in order to produce alternative current. Theoretically speaking, supercon-

ducting magnetic energy storage systems can reach efficiencies up to 97% for both charging

and discharging processes, rated powers around 10 MW and storage capacities of 5.6 kWh

are common for this type of energy storage technology [12]. The main drawback is the

cooling effort for getting the superconductive properties of the materials, this leads to 10 -

12% of losses per day and therefore this type of technology is adequate to be deployed for

short term storage [12][11]. Energy densities between 300 - 3000 Wh/kg can be reached.

Additionally, due to the high flexibility of this type of storage technology, superconduct-

ing magnetic energy storage systems can ensure grid and voltage quality. Capacitors are

ability due to other uses and ecological constrains have to be considered. Additionally, compressed
air which has the lowest calorific value could represent up to 700 times of the actual PHSP installed
capacity in Germany [12].
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another type of storage technology, these store energy through physical and chemical pro-

cesses. Capacitors can be divided into electrochemical-double layer, hybrid and pseudo

capacitors, a large number of capacitors are used as part of electric devices and their lifes-

pan is higher than 1 million operating cycles. Capacitors are mainly made of two separated

electrodes and a dielectric material where electricity flows through and it is stored even

after the supply is interrupted. According to Doetsch et al. [12] an efficiency of 85 - 98%

can be achieved with supercapacitors which have an electrolytic solution between the elec-

trodes instead of a dielectric material, energy densities from 5 - 10 Wh/kg can be reached

with capacitors available in the market. Capacitors are normally use during short periods

of time to provide or receive large amount of power and they can be integrated in wind

turbines in order to assist the blade control or emergency shut-down processes [11][12][14].

Plant sizes for double-layer capacitors have 1.5 MW rated powers and storage capacities

of 0.002 MWh [15].

Batteries are another type of energy storage technologies, these use electrochemical re-

actions for the charging and discharging processes. Batteries can be deployed in different

areas depending the parameters and properties, in this doctoral thesis the technical as-

pects of lead-acid, nickel-based, lithium-ion, high temperature and redox-flow batteries

are discussed. Lead-acid batteries are commercially available, this type of battery is used

normally for grid stabilisation purposes, lead-acid batteries can reach an energy density

between 50 - 100 wh/l and efficiencies in the range of 75% - 80%. Common plant sizes of

lead-acid batteries span in the range of 1 - 5 MW rated power and up to 10 MWh storage

capacity [12][15]. Nickel-cadmium batteries are considered as a state of the art technol-

ogy which can offer energy densities between 25 - 80 Wh/kg (35 - 135 Wh/l) [12] and an

efficiency of 70%. Additionally, nickel-cadmium batteries can be deeply discharged for a

decent number of cycles and are able to work at temperatures below 0 �C [11]. However,

nickel-cadmium batteries are not environmentally friendly and expensive to manufacture.

This type of battery is used as start batteries or for emergency current supply, it is com-

mon to find plant sizes in the range of 27 MW - 46 MW rated power [12]. Lithium-ion

batteries are implemented for electro-mobility purposes as well as intermediate storage

systems specially when electricity is produced by RE [12]. Compared to other types of

batteries, Li-ion batteries have a high energy density (100 -160 Wh/kg) and efficiencies in

the range of 90% - 95%, this type of battery can be used 1000 - 5000 cycles (5 - 10 years)

[12]. Unlike other types of batteries, high temperature batteries operate at temperatures
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at which the electrodes melt and the electrolyte remains solid, due to temperature fluctu-

ations during operation a precise control strategy for the temperature must be integrated

in order to avoid material stress or damage [12]. ZEBRA batteries are an example of

high temperature batteries, their electrodes are made of sodium (negative electrode) and

nickel chloride (positive electrode), efficiencies of 91% as well as energy densities from 80 -

100 Wh/kg (140Wh/l) are reported by Doetsch et al. [12]. Sodium-sulphur batteries are

another example of high temperature batteries, Sodium-sulphur batteries have a higher

energy density than ZEBRA batteries (130 Wh/kg) and efficiencies of 87%, the operat-

ing temperature range spans between 290 - 360 �C, Sodium-sulphur batteries can be used

between 1000 - 4000 operating cycles i.e. approximately 15 years, common plant sizes

span between 1 MW - 52 MW rated power and have a storage capacity between 7 MWh

- 254 MWh [12][11]. Redox-flow batteries represent another type of battery, the storage

and conversion process in this type of battery take place spatially separated, consequently

power and storage capacity can be independently dimensioned. These batteries consist of

two separated tanks which contain the electrolyte and a stack where the energy conversion

takes place [12]. For this type of battery a pump is used in order to feed the electrolyte

material from the tanks to the stack. Moreover, due to the spatial separation of the elec-

trolyte, redox-flow batteries present almost no self discharge and can be deep discharged.

However, redox-flow battery systems are complex because additional components such as

pumps, sensors and tanks are required [12]. Vanadium-redox batteries for example have an

efficiency of 80% (considering the periphery) [12]. According to Doetsch et al. [12], there

are vanadium- and polysulphide-bromide-redox systems operating in the United States,

Japan, Australia and England with a rated power up to 15 WM and a storage capacity of

120 MWh [12]. According to Fraunhofer ISI, common plant sizes span between 0.01 - 2

MW with a storage capacity between 0.1 - 2 MWh and these plants are used for storing

energy within hours or up to one day [12]. In this section different technologies that can

be used and deployed to store energy from RE in the electric system were discussed. The

advantages and disadvantages of these technologies were also discussed as well as the range

in which these technologies can store energy i.e. kWh, MWh, GWh, TWh. Considering

long term storage, chemical storage technologies for instance PtG offers the possibility to

store energy in the range of TWh which means that electricity supply can be guaranteed

for periods of time longer than a month [16], this represents an advantage when comparing

PtG plants to PHSP which can store electricity in the range of GWh and therefore PHSP

can only provide electricity for no longer than an hour if the total electricity consumption
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of Germany (600 TWh [9]) were to be supplied. PtG technologies can contribute to the

grid stability by transforming electricity surpluses into rich-energy gases which are stored

in the existing gas infrastructure. These gases can be used to produce electricity at times

when RES are not able to meet the load. Furthermore, these gases can be transported

through the gas infrastructure which represents a balancing strategy of the electric grid

from the geographic point of view. Additionally, PtG technologies allow the development

of synergies between RE, the heating sector, the mobility sector, as well as the chemi-

cal and metallurgical industry [5]. Figure 1.4 illustrates the storage capacity of different

technologies. PtG as energy storage technology is discussed in the following section.

Figure 1.4: Energy storage technologies [9].

1.2 Power-to-gas as energy storage technology

Considering a 85%-RE scenario, PtG technologies are important in the sense of balancing

the grid by storing electricity surpluses in the range of terawatt hour and thereby enabling

seasonal storage. In this section, the analyses are based on the scenarios presented by

Jentsch et al. [9] where a gross electricity demand4 in Germany of 573, 571 and 622 TWh is

expected as well as a share of RE in the electricity system of 40%, 63%, 85% by 2020, 2030,

2050 respectively [17][9]. Figure 1.5 illustrates the estimated residual load in Germany for

the aforementioned scenarios with and without demand side management (DMS). For the

4The value considers transmission losses, power plant own consumption as well as the electricity associated
to chemical and PHSP [9].
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40%- and 63%-RE scenarios, it can be seen that the residual load is positive (RE-feeding <

load) almost throughout the complete year. However, delays of the electric grid expansion

for these scenarios could lead to the production of electricity surpluses, PtG plants could

therefore be deployed to store these electricity surpluses. For the 85%-RE scenario, it can

be seen that the residual load is estimated to be negative (RE-feeding > load) from the

beginning of the second half of the year.

Figure 1.5: Residual load for different RE-Based scenarios [5][9].

Jentsch et al. [9] reported that for the 63%-RE scenario5, an amount of 800 GWh/year

electricity surpluses are expected. Considering this scenario PtG plants can store 3.7

TWh/year electricity surpluses from the electric grid which corresponds to an installed

rated power of 2 GW and an operating time of 1900 full hours. Furthermore, since the CH4

produced by PtG plants can replace the use of fossil fuels, a reduction of CO2 equivalent

emissions around 0.5 Millions/year in the electric system is expected [9]. 70 TWh/year

electricity surpluses are estimated to be produced for the 85%-RE scenario, optimally

speaking, PtG plants should be located close to the areas where electricity surpluses arise

in order to avoid unnecessary grid expansion and transmission losses i.e. PtG should

operate and store the electricity surpluses most likely in regions 21 and 22 (see figure 1.6)

where a considerable amount of electricity will be produced by onshore and offshore wind

farms [9]. Besides region 21 and 22, it is estimated that PtG plants operate as well in the

eastern and southern parts of Germany (region 83 and 42) [9]. Additionally, there are other

factors that must be considered when determining optimal locations for the operation of

5The scenario assumes delays on the expansion of the grid infrastructure

9



1. Theoretical background and technological state of the art

PtG plants e.g. an adequate CO2 supply, a gas feeding point, possibility to use the reaction

heat and the oxygen produced via electrolysis [5].

Figure 1.6: Spatial distribution of PtG plants for a 85%-RE scenario in Germany [5][9].

Furthermore, Jentsch et al.[9] reported that a PtG installed capacity6 of 25 GW would

be able to store the electricity surpluses that arise in the 85%-RE scenario, an increase of

the PtG capacity would contribute to the integration of more RE into the electric system,

reduce the plants operating hours and the costs of the electric system as well as its annual

associated CO2eq emissions.

1.3 Electrolysis

1.3.1 Alkaline electrolysis

It is the most mature technology and dominates the market nowadays, this technology has

been implemented for more than 100 years at industrial scale. Potassium hydroxide (KOH)

with a concentration between 20 - 40 wt% [18] acts as basic electrolyte. Alkaline electrol-

ysers operate in a temperature range which spans between 49.9 - 79.9 �C [18], pressures

between atmospheric and 15 bar [19], current densities in the range of 300 - 500 mA/cm2

[19] and cell voltages between 1.8 - 2.4 V [18]. Alkaline electrolysers can produce an hourly

amount of H2 between 1 - 760 Nm3 [19] and have a specific electrical energy consumption

for systems that produce more than 10 Nm3 from 4.1 - 6.0 kWh/Nm3 which corresponds to

an energy efficiency7 of 60 - 88%. Hydrogen and oxygen gas purity in alkaline electrolysers

ranges between 99.8 - 99.9% and 99.3 - 99.8% [18] respectively. It is important to note that

6It was assumed that only PtG technologies are able to store the system electricity surpluses for a long
term [9].

7Calculated efficiency based on HHV of H2
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gas purity decreases if the electrolyser is operated at part load, consequently the lower limit

at which alkaline electrolysers are operated is 20% of their rated power [18][19]. Alkaline

electrolysers must have a quick start-up, shut-down processes, low energy consumption

in standby mode, the ability of being slightly overloaded, operated at high pressures and

dynamically if they are going to be integrated into the energy sector. Smolinka et al. [18]

reported that due to the complexity of the system design (peripheral components and long

respond times), dynamic operation is not achievable with alkaline electrolysers. However,

it has been proven that new alkaline electrolysers can operate dynamically as long as some

adaptations e.g. the implementation of a proper power electronic system. Furthermore,

a constant warm-up mechanism is required in order to keep the operating temperature of

the electrolyser in standby mode [18].

1.3.2 Polymer Electrolyte Membrane electrolysis

Polymer electrolyte membrane (PEM) electrolysers consist of two sections (anode and

cathode) separated by a membrane that acts as electrolyte and is assembled in between

two conducting plates [18], the membrane conducts protons and is coated with electrodes

which contain a catalyst. Unlike alkaline electrolysers, the electrolyte of PEM electrolysers

is solid (normally perfluorosulfonic acid polymer is used), it shows high thermal, chemical

and mechanical stability as well as low permeability to hydrogen and oxygen [18]. However,

the disadvantages of this type of membrane are its short lifespan, high production costs and

loss of proton conduction. The efficiency of PEM and alkaline electrolysers are in the same

range (60 - 88%), the electric energy demand of PEM electrolysers for systems that produce

more than 10 Nm3/h can be reduced to values less than 6.0 kWh/Nm3 [18]. It is important

to note that PEM electrolysers are expected to have higher efficiencies in the future [18].

PEM electrolysers have a shorter lifespan compared to alkaline electrolysers, the membrane

degradation is the most common problem leading to poorer gas quality and leakages [18].

Regarding the integration of PEM electrolysers into a RE-based energy systems, technical

features such as high power density, broad part-load range (5 - 100%), overload capability,

short start-up process and short time responses represent some advantages over alkaline

electrolysers [18]. The main issue when operating PEM electrolysers at part load is the

migration of hydrogen through the membrane to the oxygen compartment.
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1.3.3 Solid oxide electrolysis

Solid oxide electrolysis becomes an interesting application if waste heat is available (geother-

mal, nuclear, solar). The main disadvantages of this technology are its long start-up time,

limitations regarding its flexible operation and materials. This type of electrolyser works

at temperatures around 700 �C, pressures up to 50 bar, theoretical cell voltages of 1.48

V and efficiencies higher than 90% [19]. Since solid oxide electrolysers operate at high

temperatures, decomposition of CO2 is also possible thus the production of CH4 from a

mixture of H2 and CO2 can be achieved if a catalyst is placed downstream [18]. The lifes-

pan of solid oxide electrolysers is relatively low, the longest lifespan was reported by Tietz

et al. [20], in this case the stack degenerated faster than other components leading to an

operating time of 9000 h. Additionally, an increase in the current density led to shorter

lifespans [18][20].

Regarding the integration of solid oxide electrolysers with RE sources, the following is-

sues have to be taken into account: the operation of solid oxide electrolysers under load

variations leads to changes of the Joule heat and consequently temperature gradients along

the stack i.e. material stresses which shorten the lifespan of the electrolyser. Therefore

start-up and shut-down processes must be carried out slowly, this is only achievable if

the electrolyser temperature is not lower than 600 �C during the standby operating mode

[18]. Slow shut-down and start-up processes as well as material stresses due to load vari-

ations do not represent an advantage if solid oxide electrolysis are going to be integrated

to RES. Table 1.1 compares the electrolyser technologies discussed in this section and lists

the advantages and drawbacks of each technology.
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Table 1.1: Comparison of the electrolyser technologies [18][19][21].

Electrolyser technology

AE PEME SOE

Operating temperature

(�C)

50 - 80 50 - 70 700 - 1000

Operating pressure

(bar)

1 - 150 <500 <25

Efficiency (%) 60 - 88 60 - 88 >90

Hydrogen production

(Nm3/h)

<760 <450 <5

Specific electrical

consumption

(kWh/Nm3)

4.1 - 6.0 <6.0 <5

Advantages Maturity,

durability,

robustness,

availability

for large scales

Wide range

of part-

load operation

and flexible

operation

Reduction of the

electrical

consumption,

integration of

waste heat

Drawbacks Limited part-

load operation,

slow start-up

process,

high corrosion

Safety issues

caused by

H2 at the anode

High degradation

rate of materials,

low hydrogen

production

1.4 Methanation

The methanation is the chemical process of reducing carbon dioxide or carbon monoxide to

methane. There are two types of methanation, the biologic methanation whereby methane

is produced by microorganisms as a product of their metabolic pathways and the catalytic

methanation which takes place in the presence of inorganic metal-based catalysts [22].
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Methanation processes have been coupled to ammonia plants in the past to eliminate

small CO traces in H2 rich feeding streams [22] and to produce CH4 from coal, crude oil

and naphtha [22], but recent interest for adapting the technology as a way to produced

SNG has been growing due to the oil prices and other energy concerns. In this section

the biologic methanation, the operating conditions and the technical characteristics for

five approaches implemented by two German companies (MicroEnergy GmbH and Krajete

GmbH ) are presented. Additionally, the catalytic methanation is also presented, operating

conditions, technical aspects, challenges as well as different reactor concepts such as fixed-,

fluidised-bed, column-bubble, honeycomb and micro-channel are discussed. Advantages

and disadvantages between the biologic and the catalytic methanation are presented at the

end of this section.

1.4.1 Biologic methanation

The Biologic methanation is the process which figure 1.7 describes. This process takes

place in a temperature range of 40 - 70 �C which means that the produced water is in

liquid state leading to a reaction enthalpy ΔH0 of -253 kJ/mol [23][24]. The first reports

about biologic methanation date back to the beginning of the twentieth century. Back

in the 1930s some scientists investigated its metabolisms [25][26][27][28]. Further work

was pursed where the effect of the temperature, agitation and residence times on the CH4

production was analysed. For example the work reported by Guiot et al. [29] states that

the methane production was improved when the temperature of the medium was increased

from 35 to 60 �C. Although 90% conversion of H2 has been reported, residence times from

0.7 - 2h, stirring of 100 - 400 rpm were required [30], mass transfer limitations due to low

solubility of H2 in the medium was reported as well by Wise et al. [31], Barik et al. [32],

Klasson et al. [30], Guiot et al. [29].

14



1.4. Methanation

Figure 1.7: Anaerobic degradation of organic biomass to methane [33].

Moreover, it has been reported that some types of bacteria such as Methanothermobacter

thermautotrophicus, Methanococcus thermolithotrophicus and Methanothermobacter mar-

burgensis are able to produce more methane compared to other types bacteria [34][35][36].

The adequate pH for these bacteria spans from 6.9 - 7.8 [29], some studies where real gas

such as biogas and flue gas were implemented, reported good production of methane by

Methanothermobacter marburgensis and thermautotrophicus in the presence of sulphuric

components such as H2S [37][38]. Figure 1.8 shows two types of bacteria which have been

inoculated into a methanation reactor.

(a) Archea spp. (b) Methanosaeta spp.

Figure 1.8: Methanogenic bacteria [33].

Regarding the reactor technology, mostly biologic methanation experiments have been

carried out in continuous stirred-tank reactors (CSTR), where a homogeneous distribution

of the substrate is reached by stirring frequencies of 300 - 1200 RPM [24][30][29][39][36].

Thus, if it is considered that the electricity demand of the stirrer is proportional to f3d5

where f stands for the frequency and d for the diameter, it is reasonable to state that
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for stirrers with large diameters and high operating frequencies a considerable electricity

demand is to be expected [24]. Other authors have reported an improvement in the mass

transfer coefficient of H2 by using a porous diffuser as gas distributor in CSTR [40]. An

interesting approach where biomass was immobilised in fixed-bed reactors was studied by

Vega et al. [41] and Klasson et al. [42][43]. The studies reported an improvement in the

conversion as well as a decrease in the energy demand. There are some companies in Ger-

many which have researched different plant concepts regarding the integration of biologic

methanation and existing biogas facilities using as substrate organic raw material from the

agricultural and forestry industry (approach i) or biowaste (approach ii), in this case H2

is fed into a biogas fermenter containing biomass where the biologic methanation takes

place [24]. At MicrobEnergy GmbH and Krajete GmbH two other approaches have been

researched, in both approaches biogas is separated from the biologic methanation stage

which in these two cases consists in a pure and special bacterial culture. For the approach

iii, biogas is used as reacting gas at the methanation stage together with H2, whilst for the

approach iv, biogas is first upgraded and then the CO2 which is separated by the upgrade

unit, reacts with H2 at the methanation stage [24]. Furthermore, an alternative (approach

v) using CO2-rich gases from industry processes and pure bacterial cultures has been re-

searched at Krajete GmbH.

Regarding the capacity of the plants, approaches i-iv were implemented in a range from

1, 2.5 and 5 MWth
8 whereas a plant of 110 MWth

8 implementing approach v was built up,

these were operated for a minimum of 1200 and a maximum of 8400 full load hours [24].

The biologic methanation unit for the approaches i - iv was operated at 16 bar; the process

in approach v was carried out at 70 bar. All outlet gas streams contained a volumetric

percentage of CH4 greater than 96%, the operating temperature in all cases was 20 �C [24].

Moreover, the efficiency of a PtG plant with a biological methanation process step can be

defined as follows:

η �
PCH4

Pel

� ηelectrolysisηbio�meth (1.1)

Considering the approaches mentioned above, the efficiency of a PtG plant spans between

53% - 58%, the lower value considers the electricity demand for the electrolyser as well as

the stirrer in the reactor. Furthermore, if the heat of reaction (biologic methanation step)

is used to heat up the biogas fermenter, the overall efficiency increases up to 69% [24].

8Corresponds to the calorific value of the gas produced after the biologic methanation step and it was
adjusted in order to integrate the biogas plant
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1.4.2 Catalytic methanation

Unlike the biological methanation where the process takes place in the presence of microor-

ganisms, the catalytic methanation takes place in the presence of inorganic catalysts such

as nickel-, ruthenium-, cobalt-, iron-, platinum-, rhodium-based. Sabatier and Senderens

were the first scientists who researched this type of methanation [28]. The studies showed

nickel as a very efficient catalyst for the methanation reaction [28]. The catalysts are

required in order to accelerate the reaction stated in equation (1.2) which is otherwise

relatively slow in order to meet commercial targets [28].

CO2�g� � 4H2�g� � CH4�g� � 2H2O�g� ΔH0 = -167 kJ/mol (1.2)

Equation (1.2) is a reversible reaction which can be broken down as follows:

CO2�g� �H2�g� � CO�g� �H2O�g� ΔH0 = +41.2 kJ/mol (1.3)

CO�g� � 3H2�g� � CH4�g� �H2O�g� ΔH0 = -206.2 kJ/mol (1.4)

The reaction takes place within a temperature range of 250 - 500 �C [44], reactant conversion

is favoured at low operating temperatures and high pressures [45][22]. The exothermicity

of the reaction represents a challenge to prevent over heating of the catalyst and hence

its deactivation [28]. Regarding the chemical mechanism between the substrate and the

catalyst, two schemes have been proposed [28]. On the one hand, Medsford [46] suggests

that the synthesis of CH4 takes place without CO as intermediate. On the other hand, Bahr

[47] states in his work that the synthesis of CH4 takes place with CO as intermediate which

was consistent with some studies in which ruthenium and iron catalysts were implemented

[28]. Apart from reaction 1.3 and 1.4, the Boudouard reaction, CO and CO2 reduction,

methane pyrolysis, alkane and alkene formation may take place in parallel [48].

1.4.2.1 Conventional reactor concepts

In the 1960s, the importance of natural gas as energy carrier in the united states increased9,

this raised concerns about possible shortages and the government started funding projects

to research new ways to produce natural gas e.g. through methanation of coal from power

plants [22]. Furthermore, due to the oil crisis in the 1970s efforts were intensified and other

9In the 1950s approximately 13 % of the primary energy consumption was supplied with natural gas.
This number increased to 30% in the 1960s and 1970s [22]
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countries such as Great Britain and Germany started funding projects and developing

technologies for such purpose as well. This section presents the reactor technologies for

producing methane which were developed back then.

1.4.2.1.1 Fixed-bed reactors

Fixed bed reactors contain packed catalyst in a static bed or in pellet form [49]. The

Lurgi coal gasification process that consists of two adiabatic fixed-bed reactors which have

an internal recycle in between was used in two pilot plants, one operated in Sasolburg

(South Africa) and the other one in Schwechat (Austria) [22]. The pilot plant that oper-

ated in Sasolburg used a syngas side-stream from the Fisher-Tropsch unit, whilst in the

second pilot plant, the syngas from naphtha was converted to CH4. Both plants were

operated for 1.5 years with two different nickel-based catalysts, the first catalyst showed

deactivation relatively fast, whilst the second catalyst was tested for 4000 h with a feed-gas

flow rate of 18.2 Nm3/h and reached equilibrium temperature after 32% of the bed length

[22]. The first fixed-bed reactor in this case was operated with an inlet temperature of 300

�C, the outlet temperature was 450 �C; the second fixed-bed reactor was operated with an

inlet temperature of 260 �C, outlet temperature of 315 �C. Table 1.2 lists the operating

conditions for the reactors as well as the gas compositions.

Table 1.2: Operation parameters and gas composition in the pilot plant of the Lurgi process
[22].

Feedgas
Fixed bed

reactor R1

Fixed bed

reactor R2

Inlet Outlet Inlet Outlet

Temp.(�C) 270 300 450 260 315

Gas flow rate (wet),(Nm3/h) 18.2 96.0 89.6 8.2 7.9

H2 60.1 21.3 7.7 7.7 0.7

CO 15.5 4.3 0.4 0.4 0.05

CO2 13.0 19.3 21.5 21.5 21.3

CH4 10.3 53.3 68.4 68.4 75.9

C+
2 0.2 0.1 0.05 0.05 0.05

N2 0.9 1.7 2.0 2.0 2.0
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Moreover, the effect of the sulphur content in the feed-gas was also investigated. The

data obtained suggested a decrease in the conversion when the concentration of hydrogen

sulphide (H2S) was kept between 0.02 - 4.0 mg/Nm3, the lower value led to a decrease

in the conversion from 0.5 - 0.46 after 6.3% of the total catalyst bed whereas the higher

value led to a conversion decrease from 1.0 - 0.78 after the 23.8% of the total catalyst

bed. Eisenlohr et al. [50] reported in his work that an operation of 150 h with a hydrogen

sulphide concentration of 4.0 mg/Nm3 in the feed-gas corresponds to one year operation

when a concentration of 0.08 mg/Nm3 total sulphur is contained in the feed-gas. Figure

1.9 shows a graphical representation of the Lurgi coal gasification process.

Figure 1.9: Lurgi coal gasification process [22][51].

Despite the efforts and the construction of pilot and demo plants during this period of

time, the only plant which operated commercially was the Great Plains Synfuels Plant in

North Dakota (United States). This plant consists of 14 Lurgi Mark IV fixed-bed gasifiers,

a shift conversion unit, a rectisol unit where carbon dioxide and sulphur removal takes

place, a methanation unit (fixed-bed reactors) and a drying-compression unit. The plant

was designed to produce up to 4.8 millions m3 CH4 per day [51].
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Figure 1.10: Graphical representation of the Great Plains Synfuels Plant [22][51].

From 1970 to 1980 the Kernforschungszentrum Jülich, Rheinische Braunkohlewerke and

Haldor Topsøe started to investigate the steam reforming of methane and the methanation

of synthesis gas as a way to store and distribute heat produced by nuclear reactors [52].

The methanation process was investigated in a bench-scale unit called ADAM I which

consisted of three adiabatic fixed-bed reactors [22]. Additionally for ADAM I, the TREMP

concept (Topsøe’s Recycle Energy efficient Methanation Process) which is a way to use the

reaction heat to produce high pressure superheated steam was implemented. The catalyst

was tested at 600 �C for more than 8000 h, the gas compositions and operating conditions

are shown in table 1.3.

Table 1.3: Gas composition of ADAM I [52][22].

Feed R1 R1 R2 R3 SNG

Inlet Exit Exit Exit

Temp. (�C) 300 604 451 303 23

Press. (bar) 27.3 27.2 27.1 27.05 27.0 27.0

Gas (Nm3/h) 535 1416 1255 348 334 119

Gas composition (vol.%)

H2 65.45 36.88 20.96 8.10 1.77 3.11

CO 9.84 4.28 1.17 0.00 0.00 0.00

CO2 8.96 6.13 4.46 2.07 0.95 1.67

CH4 11.30 28.12 37.44 44.36 47.28 82.95

H2O - 19.19 29.82 38.84 43.06 0.10

N2 4.4 5.41 6.15 6.64 6.93 12.16
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In 1972 the first demo plant worldwide which completed the entire process chain from

coal to CH4 was built up in Scotland by the British Gas Corporation and the Continental

Oil Company (Conocophilips). The demo plant used fixed-bed reactors which were oper-

ated adiabatically with a gas recycle in between. The plant produced 59 millions m3 per

day CH4 which were fed into the natural gas grid. Another approach which use fixed-bed

reactors in series and cooling between them was proposed by the Ralph M. Parsons Com-

pany (United States), the outlet volumetric percentage reached by the last reactor was

43% [22].

The British Gas Corporation developed the HICOM process which combines the shift and

methanation reaction, thereby an efficiency of 70% from coal to methane was proposed

by Ensell et al. [53]. The gas produced by the coal gasifier is cooled down, desulphurised

and saturated before it is fed into the methanation unit. Subsequently, the product gas is

purified (removal of CO2). The product gas of the main methanation unit is split into two

streams, part of the product gas is recycled so that temperature control of the reactors is

achieved and the remaining gas is fed into one of many low temperature fixed-bed reactors

hence traces of CO and H2 can be further converted to CH4 [22]. Figure 1.11 depicts a

simplified process flow diagram of the HICOM approach.

Figure 1.11: Simplified HICOM process flow diagram [22][53].

Additionally, during the 1970s the German company Linde AG developed an isothermal

fixed-bed reactor with indirect heat exchange. The reactor was designed to produce steam

using the heat of the methanation reaction. Moreover, part of the steam was planned to

be fed into the syngas mixture to avoid carbon deposition [22]. The syngas mixture can
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be fed into an isothermal and adiabatic methanation reactor, part of the gas produced

by the isothermal reactor is fed into the adiabatic reactor to increase the amount of CH4.

Finally, both product gases are mixed, cooled and dried [22]. Figure 1.12 shows an adapted

graphical representation of the SNG process and the isothermal reactor proposed by Linde.

(a) Linde process for SNG (b) Isothermal Linde reactor

Figure 1.12: Linde process for SNG and isothermal reactor [22].

The RMP process was proposed by the Ralph M. Parsons company in the united state.

The process consists of high temperature methanation without gas recycle and no separate

shift conversion step. 4 to 6 adiabatic fixed-bed reactors with gas cooling in between are

used for methanation purposes, steam is fed into the first reactor whilst the syngas can be

fed with different distribution ratios into the first four reactors [22]. Pressures between 4.5

and 77 bar and temperatures between 315 and 538 C are reported in the literature [22].

Figure 1.13: Fixed-bed RMP process flow diagram

[22][54].
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Figure 1.13 depicts the RMP process. Additionally, table 1.4 lists the operation condi-

tions and gas composition in the different reactors.

Table 1.4: Dry gas composition of the RMP process at 27 bar [54][22].

Syngas R1 R2 R3 R4 R5 R6

Temp. (�C)(inlet) - 482 538 538 538 316 260

Temp. (�C)(outlet) - 773 779 773 717 604 471

Press. (bar)(outlet) 27.3 26.7 25.6 24.6 23.6 22.6 21.5

Syngas (vol.%)(inlet) - 40 30 30 - - -

Steam/gas (inlet) 1.20 0.88 0.56 0.43 0.50 0.65 0.83

Dry gas composition

(vol.% at the outlet)

H2 49.80 53.53 48.07 43.09 36.90 22.86 9.29

CO 49.80 13.97 18.46 20.63 15.25 5.64 0.87

CO2 0.10 25.80 24.04 23.64 29.21 39.90 46.84

CH4 0.30 5.70 9.43 12.64 18.64 31.60 43.00

Another process which was designed using fixed-bed reactors is the ICI/Koppers process.

ICI stands for Imperial Chemical Industries in Great Britain. The aim of the process was

the production of SNG from a Koppers-Totzek coal gasifier using a Ni-based catalyst

which showed good activity and selectivity for a 1500 h test run. Three adiabatic reactors

were connected in series, the temperature was varied between 300 - 729 �C and the vol.%

composition of CH4 obtained at the outlet of the third reactor was 29.1% (dry gas).

1.4.2.1.2 Fluidised-bed reactors

Unlike fixed-bed reactors the catalyst in fluidised-bed reactors is contained within a fluid

phase which can be from an inert liquid to particles suspended. [49]. The United States

Department of the Interior (former Bureau of Mines) carried out a project which aim was

the production of high quality CH4 through coal gasification and methanation [55]. Two

fluidised-bed reactors (one with multiples feed inlets and one with three gas inlets at the

reactor bottom) and one fixed-bed reactor were operated for more than 1000 h. For the

experimental tests a Raney-nickel and iron based catalyst were used (90 - 120 cm catalyst

bed height), both of them had a particle diameter from 63 - 180 μm, an operating temper-
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ature from 200 - 400 C and an operating pressure up to 20.7 bar [22]. Good temperature

control was reported in the fluidised-bed reactor with multiple feed inlets, the operation

with the iron based catalyst did not meet the quality necessary to feed the product gas into

the grid (the conversion of H2 and CO was lower than 80% and C2+, C3+ hydrocarbons

were formed). The nickel based catalyst on the other hand showed to be catalytically ac-

tive enough to ensure the desired gas quality. The fluidised-bed reactor with multiple feed

inlets was operated for 1120 h at temperatures from 370 - 395 C showing a conversion of

H2 and CO greater than 95% [22]; the catalyst was regenerated after 492 h. The goal of the

Bi-Gas project also was the production of high quality CH4 from coal. For this project, a

fluidised-bed reactor with two feed inlets was implemented, the methanation took place in

a temperature range of 430 - 530 C and a pressure range of 69 - 87 bar. The composition

of the reactant gas was 59 vol.%, H2, 19 vol.% CO, 20 vol.% CH4 and some traces of CO2,

H2O as well as N2. The reported CO conversion was between 70 to 95% [22][56]. Figure

1.14a depicts the fluidised-bed reactor with multiples feed inlets used for the department

of the Interior of the United States as well as the fluidised-bed reactor used in the Bi-Gas

project.

(a) Fluidised-bed reactor (Bureau of Mines) (b) Fluidised-bed reactor (Bi-Gas project)

Figure 1.14: Fluidised bed reactors [22][57][58].

Additionally, from 1975 - 1986 the university of Karlsruhe and Thyssengas GmbH carried

out some research on the production of SNG from coal gasification implementing fluidised-

bed reactors (Comflux process).
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A pilot plant was commissioned and operated by Didier Engineering GmbH from 1977

- 1981. The operating conditions of the Thyssengas pilot plant are listed in table 1.5.

Table 1.5: Operating conditions of the Thyssengas pilot plant [22].

Temperature (�C) 300 - 500

Pressure (bar) 20 - 60

H2/CO ratio Up to 4

Recycle/feed ratio Up to 2

Gas velocity u (m/s) 0.05 - 0.2

Bed diameter (m) 0.4

Bed Height (m) 2 - 4

Paticle size (μm) 50 - 250

Catalyst mass (kg) 200

Furthermore, a demo plant (2000 Nm3
SNG/h) was operated in Oberhausen (Germany).

During this project the kinetics of the reaction, deactivation mechanisms, the attrition

resistance of the catalyst, the effects of sulphur and carbon deposition on nickel catalysts

were investigated. The results showed that for a commercial scale, the avoidance of some

units such as the shift and the compression of the recycled product gas can lead to some

reduction of the operational and investments costs (up to 10% compared with plants using

fixed-bed reactors) [22]. Figure 1.15 depicts the pilot plant operated by Didier Engineering

GmbH and shows a graphical representation of the Comflux process.

(a) Comflux pilot plant (b) Comflux process flow diagram

Figure 1.15: Comflux pilot plant and process flow diagram [22][59][60].
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1.4.2.2 Innovative reactor concepts

Conventional reactor concepts were mostly developed for the production of SNG from large

scale coal plants which were operated under certain conditions. The integration of these

reactors for the production of methane in PtG plants poses technical limitations such as low

dynamic operation and poor heat exchange properties. Therefore, new reactor concepts

with high dynamic, good heat transfer properties which can be deployed for decentralised

power plants have to be developed. This section presents alternative reactor concepts for

the production of methane in PtG plants.

1.4.2.2.1 Three-phase reactors

Three-phase reactors or slurry bubble column reactors consist of a liquid phase which

contains the catalyst suspended in small particles (between 5 - 150 μm; a loading up to

50% vol. [61]) and a gas phase which is distributed through spargers leading to bubbles

formation in the liquid phase, the latter can have a counter- or co-current configuration

with respect to the gas phase [62]. According to Shaikh [62], slurry bubble column reactors

have good heat and mass transfer, low operating and maintenance costs but one of the

main disadvantages is the back-mixing of the liquid phase which leads to a decrease in

the conversion. This type of reactor has been used in the chemical, biochemical, pharma-

ceutical and petrochemical industry for the partial oxidation of ethylene to acetaldehyde,

the liquid-phase methanol synthesis, Fischer-Tropsch synthesis, cultivation of bacteria and

mold fungi, production of animal cell culture, treatment of sewage among others applica-

tions [62]. The conversion and selectivity of slurry bubble column reactors can be affected

by the hydrodynamics, therefore a proper design (sparger; reactor geometry) and operation

(temperature; pressure; liquid load; catalyst load) is required. Another important aspect

of slurry bubble column reactors is the flow regime. It is expected that different hydrody-

namic behaviours arise with different flow regimes which can lead to different mixing as

well as different heat and mass transfer properties in the reactor, specially at industrial

scales. Four types of flow regimes have been identified in slurry bubble column reactors,

homogeneous (bubbly), heterogeneous (churn-turbulent), slug and annular flow [62]. The

homogeneous flow regime takes place at low - moderate superficial gas velocities10, in the

homogeneous flow the bubble size is uniform, small and depends on the gas distribution

10Moderate superficial gas velocities is a definition used when working with multiphase flows and porous
media. It refers to the hypothetical flow velocity assuming that the fluid of interest is the only one
flowing along the cross sectional area.

26



1.4. Methanation

as well as the physical properties of the liquid. The heterogeneous flow takes place at high

superficial velocities, the presence of small and large bubbles are normal for this type of

flow. Moreover, liquid circulation in the reactor occurs for this type of flow regime due

to the non-uniformity of the gas hold-up distribution in the radial direction [62]. In his

work Shaikh [62] studied the hydrodynamic behaviour of a slurry bubble column reactor

using non-invasive techniques which can be implemented at industrial scales. The reactor

consisted of a stainless steel column with an inner diameter of 0.162 m, a height of 2.5 m.

The gas was fed into the reactor with a pressure of 14.5 bar and a maximal flow rate of 8.8

m3/h. Two operating pressures (1 and 10 bar) were tested, different superficial velocities

as well as solids loading were also varied. Figure 1.16 depicts the slurry bubble reactor

used by Shaikh in his work.

Figure 1.16: Slurry bubble reactor used by Shaikh [62].
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On the one hand, the results suggested that the gas hold-up decreases with an increase

in the solids loading because the pseudo-viscosity of the liquid phase increases which con-

tributes to the coalescence of bubbles and this leads to the formation of large bubbles.

Thus a transition between the flow regimes occurs at lower superficial gas velocities. On

the other hand an increase in pressure led to an increase of the gas hold-up at constant

superficial gas velocity. Wilkinson et al. [63] reported that higher gas densities produced

by an increase in pressure does not allow the formation of large bubbles and therefore

smaller bubbles flow through the liquid phase. It is also important to remark that Shaikh

[62] reported that when testing two different liquid phases (water and Therminol LT) a

higher gas hold-up was observed at the bubbly flow regime when the liquid phase was

water, whereas when Therminol LT was used as liquid phase, the higher gas hold-up was

achieved at churn-turbulent flow regime. Shaikh reported that the hydrodynamic condi-

tions at which the transition between different flow regimes depends on the the superficial

gas velocity, column diameter, gas phase properties, liquid phase properties, distributor de-

sign and solid loading. Chem System Inc. in the United States developed a slurry bubble

column reactor which aim was to remove the heat of reaction more efficiently. In this case

the syngas was produced by a coal gasifier and then fed into the three-phase methanation

reactor. After the methanation took place, the product gas was purified through a liquid

phase and a product gas separator unit, the experiments were carried out using different

types of nickel-based catalysts and the results suggested low conversion and loss of catalyst

[22]. The liquid temperature ranged between 260 - 360 �C, pressure between 20.7 - 69 bar

and the catalyst size between 0.79 - 4.76 mm. The reactor had a diameter of 2.0, a height

of 1.2 m and the ratio H2/CO was varied between 1 - 10. Figure 1.17 shows a graphical

representation of the three-phase methanation plant proposed by Chem System Inc.
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Figure 1.17: Three-phase methanation (Chem System Inc.) [22][64].

At Karlsruhe Institute of Technology (KIT), there have also been some research projects

on three-phase methanation. Götz [65] in his work focused on the modelling of a three-

phase reactor by considering the different mass transfer processes which take place in

the different phases. Götz considered the transport from the gas phase to the gas-liquid

interface, transport from the gas-liquid interface to the liquid bulk, transport from the

liquid bulk to the catalyst outer surface followed by the diffusion, adsorption and chemical

reaction of the gas molecules inside the catalyst pores; once the reaction ends, the product

desorption and transport to the gas phase takes place. His work also stated that an increase

in the gas density decreases bubble coalescence which means that the transition between

the flow regimes (homogeneous to heterogeneous) occurs at higher superficial gas velocities.

Moreover, the liquid phase should have thermal stability, low vapour pressure, low viscosity,

low surface tension and good solubility with respect to the educt gas [65]. Hydrocarbons,

silicon oils, perfluorpolyethers and ionic liquids are normally used in three-phase reactors

as liquid phase. Figure 1.18 shows a graphical representation of the bubble column reactor

manufactured at KIT, the effect of the solids loading and gas velocity on the gas bubble

size.
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(a) Bubble column reactor. (b) Bubble size.

Figure 1.18: Three-phase methanation reactor (KIT) and the effect of the solids loading as
well as the effect of the gas phase velocity on the bubble size [65].

Furthermore, Götz [65] carried out CO and CO2 methanation experiments using four

different fluids as liquid phase, the temperature was varied between 220 - 380 C, the

pressure between 1 - 20 bar, and a commercial nickel-based catalyst was implemented

(NiKom2). The CO methanation results indicated that the mass transfer as well as the

kinetics were positively influenced as the temperature increased, an increase in pressure led

to better results which can be explained according to Götz as follows: with higher pressures

the residence time of the gas, gas solubility and density increases. A CO conversion in

the range of 20 - 90% was achieved [65]. Furthermore a comparison between the CO

methanation carried out by Götz and other reactor concepts was discussed. Despite the

low operating pressure in fluidised-bed reactors a production rate of CH4 four times higher

can be achieved. Mass transfer limitations between the gas and liquid phase, back-mixing in

three-phase methanation reactors as well as higher operating temperature in the fluidised-

bed may explain it. The CO2 methanation experiments showed lower kinetics and therefore

lower CO2 conversion [65]. Decrease of the reaction rate due to mass transfer limitations

between the gas and liquid phase can explain this results. A hyper-stoichiometric H2/CO2

ratio of 6.1 was required in to achieve conversions greater than 95%. Additionally, more

research is required to find substances with adequate properties to be used as liquid phase

in three-phase methanation reactors.
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1.4.2.2.2 Honeycomb reactors

Another reactor concept that has been investigated for methanation purposes at (KIT)

is the honeycomb reactor. Schollenberger [66] used a honeycomb reactor coated with a

nickel-based catalyst in his work. The reactor consisted of a double-walled pipe with a

35 mm diameter, 50 mm length and 1465 m-1 specific surface. The wall temperature was

held constant by using a heat transfer oil, the ratio H2/CO2 was varied between 1 - 15, the

temperature between 220 - 300 �C, the pressure was kept constant at 8 bar, the volumetric

percentage of H2, CO2, CH4, H2O in the product gas varied between 43.7 - 83.9 %, 3.66 -

45.5 %, 14.4 - 28.6 % and 10 - 30 % respectively. The results suggested that the produced

gas does not meet the requirements to be fed into the gas grid, Schollenberger proposed

an upgrading unit downstream the reactor to remove the remaining CO2. Honeycomb

reactors could represent an economic alternative to fixed-bed reactors due to the fact that

honeycomb reactors have a pressure drop from 1 - 2 order of magnitudes lower than fixed-

bed reactors considering same height and surface/volume ratio. However, more research

is required regarding the optimisation and scaling. Figure 1.19 depicts the structure of a

honeycomb reactor developed at KIT.

Figure 1.19: Honeycomb reactor developed at KIT

1.4.2.2.3 Micro-channel reactors

The micro-channel reactor is the last type of reactor which is addressed in this doctoral

thesis. Micro-channel reactors are made of small channels (<1 mm wide) where fluid
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flows through. Enhanced heat transfer in micro-channel reactors has been reported, this

property allows exothermic reactions to take place without hotspot formation. The reac-

tor may be manufactured11 to optimise slow reactions getting close to the thermodynamic

equilibrium. For conventional reactor concepts, the improvement of the conversion for such

reactions takes place by intermediate direct (cold gas, water injection) or indirect cooling

(coolers switched between several stages of the reactor) [67]. Additionally, mass transfer

is also enhanced in micro-channel reactors; according to Kolb et al. [67] in most cases the

Sherwood number which is defined in equation (1.5) is equal to 3.66 for fully developed

laminar flow.

Sh �

kgdh
D

(1.5)

kg denotes the mass transfer coefficient, dh the hydraulic diameter of the channel and D the

gas-phase diffusion coefficient. It can be inferred that higher values of kg can be obtained

for channel with smaller dimensions. Micro-channel reactors can be safely operated under

explosive regime [67]. Another intrinsic advantage to these reactors is the easy scale-up due

to the micro-channel ”unit cell” which does not need to be changed [67], typical industrial

applications of micro-channel reactors involve chemical processes e.g. ciclohexane dehydro-

genation to benzene [68], organic synthesis reactions [69], Fischer-Tropsch synthesis [70],

methanol steam reforming [71], among others. From the process point of view, plants

which use micro-reactors present the following advantages compared to conventional reac-

tors: size reduction, high flexibility, quicker response times, less investment and operating

costs [72][73][74][75][76][77][78].

1.4.2.2.3.1 Chip-like micro-structured reactors

This type of reactor is manufactured resembling micro-electro-mechanical systems where

non porous catalyst are applied, sensors and heaters can be coupled [79], short response

times regarding heat exchange is observed in this type of reactor due to the thin walls. For

instance, due to high conductivity, silicon membranes can be integrated in these reactors

in order to enhance heat removal. Franz et al. [80] used such a reactor for ammonia oxi-

dation, the results suggested improved heat removal and the reactor responded quickly to

temperature changes (ca. 20ms) which according to Kolb et al. [67] allows dynamic opera-

tion. Figure 1.20 depicts the structure of a micro-reactor developed by stacking up several

11Heat-exchanging channels may be introduced in the reactor which allow the formation of temperature
profiles[67].
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platelets with sensors, the micro-reactor was used for the dehydrogenation of cyclohexane

to benzene, the platelets are made of silicon and the channels are created through photo

etching techniques. The micro-channels had a width of 500 μm, depth of 10 μm and a

length of 500 mm.

Figure 1.20: Membrane micro-reactor designed by Cui et al. [68].

Aleppe et al. [81] carried out some experiments for the dehydrogenation of methanol

to formaldehyde in chip-like micro-reactors at temperatures greater than 600 �C, quick

heating and cooling as well as short residence times in the micro-reactor were the main

reasons for its implementation, in this case the channels had a length of 7.4 mm, 1.3 mm

width and 380 μm depth. The system consisted of three sections heater/reactor/cooler,

the heat exchange was achieved by a counter-flow configuration. Figure 1.21 depicts the

cross section of two micro-channel configurations used for this type of reactor. There has

also been more research carried out on the field of Chip-like micro-channel reactors but

further discussion is not presented in this dissertation, for more information refer to [67].

Figure 1.21: Cross section of the double-side (left) and one-sided (right) silicon heat ex-
changers manufactured by Aleppe et al. [81][67].
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1.4.2.2.3.2 Stack-like reactors with external heating

The reactors developed by Wießmeier [82] and Kursawe et al. [83] are examples of stack-like

reactors with external heating, the first reactor was used for the partial hydrogenation of

cyclododecatrien to cyclododecene using Pd catalyst whereas the second reactor was used

for benzene hydrogenation and ethylene oxide synthesis. The platelets used by Kursawe et

al. [83] were made of either aluminium or aluminium alloys and each of them was designed

to have 14 parallel micro-channels 300 μm wide and 700 μm deep. The micro-channels had

a rough surface in order to contribute to the application of the catalyst, since it occurs

through wash coating or another kind of coating for this type of reactor [67].

1.4.2.2.3.3 Stack-like reactors with integrated heat-exchanging capabilities

offer the possibility of higher heat transfer combined with the catalyst effectiveness pro-

vided by the micro-structures [67]. They can be divided into four categories: Cross-

flow heat exchangers/reactors, counter-flow heat exchangers/reactors, counter-flow heat

exchangers/reactors for evaporation purposes, Ceramic micro-reactors for high tempera-

ture applications. However, the fourth category is not discussed in this doctoral thesis.

Cross-flow heat exchangers/reactors

This type of reactor has been developed at Forschungszentrum Karlsruhe, catalyst can

occur through wash coating or another type of coating. It is a modification of a micro-

heat exchanger in which a catalyst is distributed on quadratic platelets. The platelets

are stacked in a way that two adjacent parts have a 90� turn [67]. The reactor is de-

signed in a way that allows two different flowing paths (reaction mixture and coolant),

channel fabrication is achieved by mechanical surface cutting of the metal with ground-in

mono-crystalline diamonds or ceramic micro-tools. Due to the thin walls, the ratio in-

ternal reaction volume and active internal reaction surface/total reactor volume is very

large. However, the main drawbacks of this type of reactor are uneven temperature distri-

bution and limited efficiency [84]. Figure 1.22 shows a cross-flow heat exchanger/reactor

developed at Forschungszentrum Karlsruhe.
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Figure 1.22: Cross-flow heat exchanger/reactor [67].

Counter-flow heat exchangers/reactors

show higher heat exchange properties between the working fluids than the previous type

of reactor discussed above, additionally the possibility of developing a temperature profile

in the zone where the reaction takes place represents another advantage since higher yields

and selectivity can be achieved in one reactor unit [67]. Two fluid paths are common for

this type of reactor, on one side the platelets where the reaction takes place are coated

with a catalyst whereas the other path is used to supply or remove heat to/from the reac-

tion side. Fritzgerald et al. [85] developed a micro-channel reactor with heat exchanging

properties for the steam reforming of octane, the reactor was operated at ambient pres-

sure and 650 �C, conversions of 95 % and a hydrogen selectivity of 90% were achieved.

Other experiments were carried out by Walter et al. [86] using a micro-channel reactor

with counter-flow heat exchanging properties, it was concluded that the main heat transfer

limitation was between the heating oil and the stainless steel of the reactor. Figure 1.23

shows an example of counter-flow heat exchangers/reactors.
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(a) Combined methanol steam re-
former/catalytic afterburner

(b) Integrated water-gas shift reactor/heat ex-
changer

Figure 1.23: Counter-flow heat exchangers/reactors developed at Fraunhofer IMM [84].

Counter-flow heat exchangers/reactors for evaporation purposes

As their name indicates, evaporation of liquids by using the reaction heat can take place

in this type of reactor. For instance Tonkovich et al. [87] obtained 90% size reduction by

implementing a micro reactor for the burning of anode gas of the fuel cell with an efficiency

of 93.2%, the size reduction was attributed to the micro-channels. Another example is the

micro reactor developed by Drost et al. [88] for combustion purposes, the reactor achieved

up to 91% efficiency.

1.4.2.3 Mechanisms of catalyst deactivation

According to Bartholomew [89], this phenomena is inevitable and can occur in different

ways i.e. catalysts can be poisoned by other products of side reactions, their surfaces, pores

and voids can be as well fouled by carbon or coke. In case the reaction takes place at high

temperatures, crystallite growth or collapse of the catalyst support structure can suggest

thermal degradation. Bartholomew [89] defined the following deactivation mechanisms:

poisoning, fouling, thermal degradation, vapour formation, vapour-solid and solid-solid

reactions, attrition and crushing. Catalyst poisoning is a chemical deactivation and consists

in the strong chemisorption of reactants, products on the catalyst active sites leading to

their blockages and possible changes in the electronic or geometric structure of the surface

[90][91]. Fouling is a mechanical deactivation and consists in the deposition of components

from the fluid phase on the catalyst surface and pores. Thermal degradation is, as its name
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suggests, a thermal deactivation and consists in the loss of catalyst surface or support due

to thermal stress. Vapour formation is also a chemical deactivation and consists in the

reaction of gas with the catalyst to produce volatile compounds. Vapour-solid and solid-

solid reactions is also classified as a chemical deactivation and consists in the reaction of

fluid or support with the catalyst phase, the results of such reactions are inactive parts of

catalysts which decrease its activity. Attrition is a mechanical deactivation and consists in

the loss of catalytic material due to abrasion. Crushing is also a mechanical deactivation

and consists in the loss of internal surface area due to mechanical stress (crushing) of the

catalyst.

1.4.3 Summary and conclusions

In this section, the biologic and catalytic methanation were presented and discussed, there

are some differences between biologic and catalytic methanation which should be considered

when designing a plant. In table 1.6 a comparison between these processes is presented. It

is important to note that while the operating temperature (300 - 550 �C) of the catalytic

methanation represents an opportunity to use some heat in order to increase the overall

process efficiency, the biologic methanation takes place in a considerable lower temperature

range (40 - 70 �C) at which much less heat can be used. Methanation plants which use the

biologic approach are not able to process as many feed gas as the catalytic methanation

(GHSV <100 for the biologic methanation, GHSV 500 - 5000 for the catalytic methana-

tion). However, regarding the flexibility, the catalytic methanation is less flexible than the

biologic methanation, due to slow startup times of the reactor.

Additionally, table 1.7 lists the different reactor concepts used for the catalytic metha-

nation as well as their pros and drawbacks.
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2 PtG concept and carbon dioxide

sources

This chapter presents a definition of the PtG concept as well as a description of the carbon

dioxide sources that can be integrated to PtG plants. Carbon dioxide sources can be

obtained from industrial process such as cement and electricity production. Biogas plants

represent another way of providing carbon dioxide to the PtG process. Finally, carbon

capture and storage technologies (CCS) are addressed and discussed.

2.1 Concept

PtG is a storage concept which enables electricity surpluses from RES to be converted into

CH4 and/or H2. Electricity surpluses are directed to electrolysers which split water into

hydrogen and oxygen; the latter can be either released into the atmosphere or used in the

chemical or metallurgical industry [19]. Hydrogen can react with carbon dioxide sources

to produce methane through the Sabatier reaction which was defined in equation (1.2).

The product gas can be stored into the gas grid in order to produce electricity, heat when

demanded or it can be used as fuel in the mobility sector [93][19].

Figure 2.1: Power-to-Gas concept [93].

Figure 2.1 illustrates the PtG concept. The process efficiency from electricity to gas is ca.

63.6% without using the heat produced by the exothermic reaction. However, if the stored
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gas is used to produce electricity, the overall process has an efficiency1 of 38%. Figure

2.2 illustrates the efficiency of a PtG plant assuming that the SNG is used to produce

electricity.

Figure 2.2: Power-to-Gas efficiency [94].

2.2 Carbon dioxide sources

According to Sterner [93] CO2 can be obtained via absorption, adsorption, condensation

and membrane separation processes from the air [93]. Adsorption, condensation, and mem-

brane separation processes are not feasible due to the fact that these are energy-intensive.

On the other hand, absorption processes have proven to be an efficient way to obtain CO2

from the air. PtG plants coupled to absorption units allow the possibility to recycle carbon

dioxide and therefore these can be useful in the scenario where the target values established

by the IPCC regarding CO2 emissions are not met [93].

Another possibility is to couple PtG plants to biogas digesters. The produced biogas can

be fed into the Sabatier reactor after a desulphurisation unit, whereas the oxygen which

is produced via electrolysis can be used for biogas production [93]. PtG plants which are

coupled to biomass gasification facilities can be similarly integrated i.e. the gas produced

at the gasification step which contains CO, CO2, CH4 and H2 can be directed into the

Sabatier reactor to be upgraded, hydrogen can be produced via electrolysis in case there is

not enough produced H2 at the gasification step. PtG plants coupled to sewage facilities

represent another option where oxygen can be used in the waste water treatment or sludge

activation [93]. Additionally, PtG plants can be coupled to fossil power plants and natural

gas sites. In the former scenario, carbon dioxide can be captured after the combustion

process. In the latter scenario, it is common to have CO2 as waste component during the

site exploration [93]. Jentsch [5] reported in her work that PtG plants could produce a

1Process efficiency is calculated assuming a gas-steam power plant with an efficiency of 60%
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methane quantity equivalent to 4202 TWhth/annum in Germany, if these plants are cou-

pled to biological and industrial CO2 sources. In comparison to the storage capacity of the

technologies deployed in the German electric grid, this is clearly a higher figure [93].

PtG technologies face challenges regarding technical aspects such as catalytic deactiva-

tion and plant flexibility due to slow start-up/shut-down times. Catalyst deactivation may

occur as a cause of coke formation or poisoning [93].

2.2.1 Biogas as carbon dioxide source

The work plublished by Trost et al. [96] discussed two possibilities of coupling biogas plants

with PtG plants as CO2 sources. The first possibility refers to the coupling of PtG plants

with biogas plants which feed-in into the gas grid, this type of biogas plants require an

upgrading unit after the fermentation in order to meet the requirements of the Deutsche

Verein des Gas- und Wasserfaches e.V. (DVGW) regarding the gas quality. After the up-

grading process, a CO2-stream with a composition up to 99 vol.-% CO2 may be obtained,

this CO2 is in most cases released into the atmosphere without being used; Trost reported

the operation of 50 upgrading units with a feed-in capacity of 42000 Nm3/h biogas during

2010 in Germany [96]. Besides the use of the nearby gas grid infrastructure, the released

heat at the electrolysis and methanation unit can be redirected in the biogas plant itself

and/or in the upgrading unit in order to increase the efficiency of the overall system. Con-

sidering this operating mode, the biogas plant can be operated with a high number of full

load hours, if the electricity demand needs to be matched, a CHP unit or a gas-fired power

plant can start operating, the PtG plant will only operate using the CO2 accumulated in

the upgrading unit when electricity surpluses from renewable energy sources arise [96].

The second possibility is the direct methanation of biogas. Thereby, a mixture of CH4

and CO2 from the biogas plant is directed to the methanation unit in order to upgrade

it and meet the DVGW regulations regarding gas quality [96]. It is important to remark

that this operating mode allows the biogas plant to be more flexible i.e. in case there is

electricity demand, the biogas is directed to the CHP unit, but in case electricity surpluses

arise, the biogas is bypassed to the methanation unit and stored into the gas grid without

operating the CHP unit [96].

2This corresponds to 17.5% of the final energy consumption in Germany during 2014 and 40% of the
gross electricity production in the same year assuming conversion efficiencies of 60% [95].
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In Germany, there are 223 biogas plants which feed into the gas grid an average amount

of 623,11 Nm3/h [97], this corresponds to an average rated power3 of 6.9 MWel designated

to electrolysers in case these biogas plants are coupled as CO2 source to PtG plants. Trost

et al. [96] discussed as well the potential of biogas plants which can be coupled to PtG

plants for direct methanation purposes. In this case 5905 biogas plants (status 2010) with

an hourly production of 620000 Nm3 are available and therefore 6900 MWel can be des-

ignated to electrolysers. Figure 2.3a illustrates the locations of biogas plants regarding

the electric rated power of their CHP unit. There are some areas with great potential

such as Schleswig-Holstein, Niedersachsen und Bayern [96]. On the other hand, figure 2.3b

illustrates the adequate locations regarding the CO2 supply where direct methanation PtG

plants with a capacity of 5 MWel could operate in Germany [96].

(a) Installed rated power of CHP units pro
square meter for biogas plants

(b) Location direct methanation PtG plants (5
MWel)

Figure 2.3: CO2 potentials and locations for PtG plants in Germany [96].

2.2.2 Carbon dioxide capture and storage technologies

Regarding the capture process, carbon dioxide capture and storage technologies (CCS) can

be classified as post-combustion, pre-combustion and oxyfuel combustion CCS technologies.

Post-combustion technologies separate CO2 from the flue gas after the combustion of the

fuel, it is a mature technology and can be integrated to coal- and gas-fired plants, its main

3Based on the proportion 11.1 kWel/Nm3 biogas per hour [96]. The following assumptions were made: gas
composition of the biogas produced 40% CO2 and 60% CH4; electrolyser efficiency of 75%; methanation
efficiency of 83% [96].
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drawback is the high energetic effort required to concentrate CO2 (from 7% to more than

95.5%) which can represent a 70% increase in the price of electricity production according

to US. National Energy Technology Laboratory [98]. Pre-combustion technologies pretreat

before the combustion of the fuel (coal or gas). Specifically in the case of coal-fired plants,

a gasification process with low oxygen takes place which leads to the production of syngas

(equation 2.3, 2.5, 2.6). The syngas reacts then with steam and the reaction produces H2

and CO2 (equation 2.7).

Coal
pyrolysis
����� Char�C� � V olatiles�VM� (2.1)

VM �H2
Hydrocracking
�������� CH4 (2.2)

VM �H2O
Gasification
������� CO �H2 (2.3)

C � 2H2
Hydrogasification
���������� CH4 (2.4)

C �H2O
Gasification
������� CO �H2 (2.5)

C �CO2
Gasification
������� CO �H2 (2.6)

CO �H2O
Water�gas shift
����������� H2 �CO2 (2.7)

In the case of gas-fired plants, CH4 is reformed to syngas (equation 2.8) which then reacts

in the water-gas shift reaction to increase the content of H2 and produce CO2 [98].

CH4 �H2O
Reform
������ CO2 �H2 (2.8)

Oxyfuel combustion is the fuel combustion in the presence of oxygen instead of air. The

oxygen is separated from the air before the combustion takes, place this results in a de-

crease of NOx components in the exhaust gas which affect the separation process as well

as higher flame temperatures. Thus, recirculation of the flue gas to the burners to control

the flame temperature. The product gas which contains CO2, SO2 and particulate matter

can be purified in order to obtain a rich CO2 stream. The main drawback of oxyfuel CCS

technologies is the separation of oxygen from the air, this is an energy intensive process

that represents an increase of the plant energy demand (over 7%) [98].

Regarding the separation technology, CO2 can be separated from the flue/fuel gas steam

through wet scrubber, dry regenerable sorbents, membranes, cryogenics, pressure and tem-
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perature swing adsorption [98]. Absorption is carried out by a liquid sorbent which can be

regenerated through stripping, heating or other regenerative process. It is the most mature

CO2 separation technique. Sorbents such as monoethanolamine (MEA), diethanolamine

(DEA), potassium carbonate are normally implemented. Veawab et al. [99] reported MEA

as the most efficient4 (over 90%) sorbent among the alkanolamines. For instance, the aim of

the integrated European project CASTOR was to test the performance of energy efficient

sorbents (MEA, CASTOR 1, CASTOR 2) as part of a post-combustion CCS technology

for coal flue gas in a pilot plant [100]. 55 - 110 kg/h of flue gas with a partial pressure of

CO2 from 35 - 135 mbar were fed into the absorber (figure 2.4) which had a packing height

of 4.2 m and a diameter of 0.125 m. The rich sorbent was then fed into the desorber which

consisted in a column with a packing height of 2.52 m and a diameter of 2.52 m, the outlet

stream of the desorber contained mainly CO2. During this process CO2 removal rates up

to 54% were reached [101].

Figure 2.4: Post combustion CCS pilot plant using reactive absorption [101].

As part of the same European project, another CO2 absorption plant was built at Esbjerg

power station in Denmark. This was also a pilot plant which was able to process 5000

Nm3/h flue gas (12% CO2) and produce 1 tCO2/h, four experimental runs of 1000 hours

each, were carried out in order to test the performance of a 30%-weight MEA and again the

sorbents CASTOR 1 and CASTOR 2 were used. In this CO2 pilot plant, the flue gas was

4The sorbent efficiency was calculated as follows:

η � 100 � �1 � � yout
1 � yout

��1 � yin
yin

�� (2.9)

yin and yout denote the mole fractions of CO2 at the bottom and the top of the absorption column
respectively [99].
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directed from the coal-fired power plant into the absorber which had an internal diameter

of 1.1 m and a height of 20 m [100]. The rich sorbent (MEA) was then directed into the

stripper unit which had an internal diameter of 1.1 m and a height of 13 m (figure 2.5)

[100]. A CO2 removal of 90% for the three sorbents was achieved. Additionally, a specific

steam consumption of 3.5 - 3.8 kWh/t CO2 [100] was required in the reboiler.

Figure 2.5: CO2 absorption pilot plant in Esbjerg (Denmark) [100].

Furthermore, Kittel et al. [102] reported in his work corrosion of carbon steel pieces

in the stripper where high temperature and fluid velocity are common under operating

conditions. Other issues such as solvent loss, generation of volatile components as well as

amine emissions which are harmful for humans and the environment must be considered

when deploying CO2 absorption based on alkanolanimes as CCS technology [98]. CO2 can

also be captured through adsorption processes, thereby a solid sorbent which is able to

bind the CO2 on its surface is implemented. Ideally speaking, a good sorbent should have

a high selectivity for CO2, a large specific surface area and could be easily regenerated [98].

The most common material used are zeolites, molecular sieves, calcium oxides, activated

carbon, hydrotalcites and lithium zirconate [98]. Subsequently, the adsorbed CO2 can be

recovered by pressure or temperature swing processes.

Chemical looping combustion (CLC) is another technique which is implemented for cap-

turing CO2, thereby a metal oxide is used as oxygen carrier (OC) for fuel combustion

purposes. The process consists of two stages, in the first stage, the carrier is oxidised in an
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air reactor (AR) (equation 2.10); during the second stage, the fuel reacts with the oxygen

carrier in a fuel reactor (FR) producing CO2 and a reduced oxygen carrier thus closing the

loop (equation 2.11) [103].

2MexOy�1 �O2 �� 2MexOy (2.10)

CnH2m � �2n �m�MexOy �� �2n �m�MexOy�1 � nCO2 �mH2O (2.11)

Furthermore, CLC processes can be classified according to the type of primary fuel, type

of reactor design and the type of oxygen carrier. Regarding, the type of primary fuel,

CLC processes can be classified as CLC of gaseous fuels where mainly natural gas and

refinery gas are used, CLC of solid fuels where coal, pet-coke, solid wastes and biomass

are implemented or CLC of liquid fuels where mainly non-sulphurous kerosene as well as

heavy fuel oils and vacuum residues produced during the crude oil refining process are used

[103]. Regarding the reactor type, CLC processes can be carried out in moving-/fluidised-

bed, fixed or rotating reactors, their configuration or/and combination can variate in order

to optimise the operation and therefore the CO2 output for different types of fuels and

oxygen carriers e.g. two or more fluidised-/moving-bed reactors can be interconnected

or alternated [103]. Thon et al. [104] reported a 25 kW CLC system which consisted

of fluidised-bed reactors where 90% of carbon capture efficiency was achieved, Ströhle

et al. [105] reported the operation of a 1 MWth
5 CLC pilot plant which consisted of two

interconnected fluidised-bed reactors at the Technical university of Darmstadt in Germany,

the plant was able to achieve 80 % of carbon capture efficiency; the air reactor had an inner

diameter of 0.59 m, a height of 8.66 and it was designed to operate at 1050 �C. The fuel

reactor had an inner diameter of 0.4 m, a height of 11.35 m and it was designed to operate

at 970 �C [105]. Alternating fixed-/fluidised-bed reactors are another type implemented

in CLC processes. In this case at least two reactors operate in parallel and alternately, in

both reactors oxidation and reduction processes take place. Rotating reactors represent

the last type of reactor which can be implemented for CLC purposes, this type of reactor

consists of two concentric sections, one of them contains an oxygen carrier which is rotated

between different sectors belonging to the other section where air and fuel are fed radially,

a stream of inert gas is fed in between the air and fuel stream in order to avoid mixing [103].

H̊akonsen et al. [106] reported a fuel conversion of 90% and a carbon capture efficiency

over 90% in a lab-scale rotating reactor for CLC purposes, it is important to note that

5The capacity corresponds to a solid fuel flow of 150 kg/h [105]
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the latter value dropped when the rotational frequency of the section increased [106][103].

Figure 2.6 depicts the reactor types described above.

Figure 2.6: Reactor types used for CLC purposes [103].

CLC technologies can be as well classified regarding the type of oxygen carrier used

in the process, they should be environmentally friendly, have a great carrying capacity,

have a high reactivity during the oxidation and reduction process, have high resistance to

mechanical stresses, be able to be grounded to the size required, be cost effective, have

high melting points, withstand a determined number of operating cycles and the carbon

deposition on the material should be minimal [103]. According to the aforementioned char-

acteristics, the following oxygen carriers for CLC processes have been identified: Ni-based,

Cu-based, Fe-based, Mn-based, Co-based [103]. Ni-based oxygen carriers have been well

studied, they are very reactive and therefore high conversions can be achieved, moreover

Ni-based oxygen carriers are able to operate at high temperatures (900 - 1100 �C) however

some disadvantages such as toxicity, high porosity which causes low reaction rates [103]

have been identified. Cu-based oxygen carriers on the other hand show high reaction rates

and are able to transfer oxygen very well. Moreover, high conversion can be achieved

with them, they are less expensive than other metal oxides and their use do not represent

serious concerns to the environment. However, decomposition at low temperatures and ag-

glomeration at high temperatures are considered as disadvantages for this type of oxygen

carriers [103]. Fe-based oxygen carriers present the advantage of being non-toxic, envi-

ronment friendly and cheap. Although these advantages, Fe-based oxygen carriers show

weak redox characteristics as well as low fuel conversion and less oxygen transport capacity

[103]. Mn-based oxygen carriers are similar to Fe-based oxygen carriers but they are not
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very reactive. Although, Co-based oxygen carriers have an exceptional oxygen transfer

capacity, high costs, toxicity and low reactivity represent some disadvantages for this type

of oxygen carriers [103].

Membrane separation represents another possibility to capture CO2 in CCS processes.

The working principle of such membranes is to allow only CO2 to flow through, while

the other components of the gas stream are not allowed. As advantage this technology is

economically attractive due to low costs and simplicity. However, low concentrations of

CO2 and pressures in the flue gas represent an issue due to the fact that the use of high

selective membranes is required in order to achieve a CO2 recovery of 80% with a purity

of at least 80% [107][108]. A suitable membrane which is used for CO2 purposes should

have a high CO2/N2 permeability and selectivity, thermal and chemical resistance to the

operating conditions, age resistance [108]. Polyimides, facilitated transport, mixed matrix,

carbon molecular sieves and poly-ether-oxide are some types of membranes which have

shown interesting properties regarding CO2 selectivity and/or permeability [108]. Poly-

imides are the most researched type of membrane, this type of membrane is thermal and

chemical stable, and exhibits a high CO2 selectivity. Facilitated transport membranes

contain a carrier which has affinity to certain molecule, this type of membrane has shown

good CO2 selectivity even in the presence of water vapour [108]. Mixed matrix membranes

are manufactured in order to improve the properties of polymeric membranes. They are

made of an inorganic material (micro or nano scale) which is integrated into a polymeric

membrane allowing it to have an easy processability and a better performance [108]. Car-

bon molecular sieves is another type of membrane which can be implemented to separate

CO2. This type of membrane shows good transport properties for light gases, are thermal

and chemical stable. However, their high fragility and costs represent the main drawbacks

for this type of membrane [108]. Poly-ethylene oxide membranes have a strong affinity of

CO2, their manufacturing process is relatively easy but, this type of membrane tends to

crystallise thus gas permeability is affected[108].

Research is being carried out in order to develop membranes which are able to provide

higher flux rates and CO2 selectivity. Regarding membrane application, the company Mem-

brane Technology Research worked together with the Arizona Public Service Co. Cholla

power plant to demonstrate a membrane system which was able to process flue gas from a

coal-fired power plant and produced 1 ton CO2/day [108]. Furthermore, other tests with
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a novel counter-current membrane system suggested that for a 600 MW coal-fired power

plant, a membrane with a surface of 700000 m2 is required in order to capture 90% of the

CO2 contained in the flue gas stream. It was also estimated that such a system is able to

produce 10000 ton CO2/day [108]. Furthermore, Carbozyme is trying to develop a type of

facilitated membrane which improves CO2, a lab-scale system was tested and the results

showed a CO2 removal of 85% from a gas stream containing 25% CO2. Regarding the

energy requirements of membrane system for CCS purposes, Bounaceur et al. [107] stated

that the energy demand of the membrane system is related to the CO2 concentration in the

flue gas stream. A membrane system will consume more energy than an absorption process

for a gas stream containing 10% of CO2, it is not longer the case for values from 20% CO2

or higher i.e. implementing membranes with a selectivity of 60% leads to reasonable CO2

recoveries and compositions with prices even lower than absorption processes [107].

Hydrate based gas separation (HBGS) is a new and promising technology which can be

deployed for CO2 separation purposes. During HBGS processes, gas hydrates are formed

when a molecule is incorporated into a lattice containing basically hydrogen bonded water

molecules [109]. Gas hydrates are non stoichiometric crystalline compounds that allow

CO2 to be separated from the other gases in the stream [109]. According to P. Babu et al.

[109], high storage capacity and energy efficiency as well as no environmental damage are

some of the advantages of this technology. A study reported that up to 90% of CO2 can be

recovered using hydrate based gas separation [110]. However, this technology is currently

in the R&D stage, the low CO2 concentration in the fuel gas stream, its compression cost

and the implementation of further processing units represent other barriers which have to

be overcome in the future [109]. Figure 2.7 depicts a flow process based a hydrate gas

formation for CCS purposes.

Figure 2.7: Hydrate based gas as CCS technology (process flow diagram) [109].
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Cryogenic distillation represents another way to separate CO2 from other gases. Thereby

CO2 is cooled until its desublimation temperature (-100 �C to -135 �C), solidified and

separated afterwards, the process is carried out at high pressure and low temperature

which means that its energy demand is relatively high (600 - 660 kWh/ton CO2) [98]. Up

to 90% - 95% of the CO2 contained in the flue gas can be recovered [98].
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3 Modelling

The chapter modelling presents the mathematical background of the simulations. Section

3.1 introduces the chemical equilibrium concept of the Sabatier reaction as well as the Gibbs

free energy. Section 3.2 presents the governing equations of the mathematical model used

to simulate the performance of the Sabatier reactor under different operating conditions.

Section 3.3 describes how to determine the experimental value of the empirical coefficient

n, the activation energy Ea and the Arrhenius factor A. Results based on experimental

data are presented and discussed. Section 3.4 describes the spatial discretisation method

required in order to solve the model equations. Section 3.5 describes the model and the

simulation environment structure, it also presents the estimated results of the mathematical

model. Finally, Section 3.6 describes how the reactor model can be integrated in the control

strategy of a larger PtG plant.

3.1 Chemical equilibrium

Considering a certain chemical reaction, the chemical equilibrium is the state at which

reactant and product concentrations have no further change [111]. The final species con-

centrations depend on the nature of the reaction and the thermodynamic conditions in

which the reaction is carried out. In order to explain the chemical equilibrium of the

Sabatier reaction, the Gibbs free energy G is an important quantity which has to defined.

The Gibbs free energy determines whether product formation takes place spontaneously

or not [112]. It is defined as follows:

G � H � TS (3.1)
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Where H denotes the enthalpy, T the absolute temperature and S the entropy of the

system. If the process is isothermal, the change of the Gibbs free energy in a process

under certain temperature, pressure conditions and certain concentration of reactants and

products is represented as follows [112]:

ΔG �ΔH � TΔS (3.2)

The changes of enthalpy and entropy in equation (3.2) are calculated by the difference

between the product and reactant species.

ΔH�T2� �ΔH�T1� � � T2

T1

CpdT (3.3)

ΔS�T2� �ΔS�T1� � � T2

T1

CpdT (3.4)

Where Cp stands for the heat capacity and it is calculated as follows:

Cp � A �B � �C�T �
sinh�C�T ��

2

�D � �E�T �
sinh�E�T ��

2

(3.5)

A, B, C, D and E are constants taken for each species from the Dortmund data bank. A

negative change of the Gibbs free energy means that product formation is favoured under

those conditions, whereas a positive change of the Gibbs free energy means that reactant

formation is favoured. The process continues until the equilibrium is reached, at that step

the change of Gibbs free energy equals zero [112].

aA � bB �� xX � yY (3.6)

If the chemical reaction (3.6) is considered, Kee et al. [112] stated that the change of the

standard molar Gibbs free energy ΔG�

r can be defined as:

ΔG�

r � xΔG�

f,X � yΔG�

f,Y � aΔG�

f,A � bΔG�

f,B (3.7)

Where, a, b, x, y are the stoichiometric coefficients of species A, B, X, Y respectively and

ΔG�

f stands for the standard free energy of formation for a chemical component. In order

to estimate the equilibrium volumetric percentage of CH4 and CO2 a temperature range

between 200 and 700 �C and a pressure range between 6 and 16 bar are considered. Ad-

ditionally, the Gibbs free energy for the different species is calculated in terms of their
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enthalpy and entropy as it was defined in equation (3.2), the change of the standard mo-

lar Gibbs free energy is calculated according to equation (3.7). Furthermore, an extend

of reaction �∂ξ� is assumed therewith the outlet molar flow of species Jk is estimated as

follows:

JCO2 � �1 � ∂ξ� � JCO2in (3.8)

JH2 � JH2in � 4∂ξ � JCO2in (3.9)

JCH4 � JCH4in � ∂ξ � JCO2in (3.10)

JH2O � JH2Oin � 2∂ξ � JCO2in (3.11)

Jtotal � JCO2 � JH2 � JCH4 � JH2O (3.12)

Where, Jkin denotes the inlet molar flow of species k. The molar fraction of species k in

the mixture can be calculated as the ratio between the molar flow of species k and the

total molar flow Jtotal:

XCO2 � JCO2�Jtotal (3.13)

XH2 � JH2�Jtotal (3.14)

XCH4 � JCH4�Jtotal (3.15)

XH2O � JH2O�Jtotal (3.16)

The species partial pressure can be calculated as the product of the molar fraction and the

gas phase pressure P :

pCO2 � XCO2 � P (3.17)

pH2 � XH2 � P (3.18)

pCH4 � XCH4 � P (3.19)

pH2O � XH2O � P (3.20)

The equilibrium constant Ke can be defined as follows:

Ke �
�pCH4� �pH2O�

2

�pH2�
4
�pCO2�

(3.21)
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Additionally, the equilibrium constant can be related to the change of the Gibbs free

energy by means of the following expression:

ΔG �ΔG�

r �RT � ln�Ke� (3.22)

Where, R stands for the universal gas constant and T for the absolute temperature. The

equilibrium volumetric percentage of the species is estimated when ΔG in equation (3.22)

equals zero. Figure 3.1 shows the equilibrium volumetric percentage of CH4 and CO2 for

the temperature and pressure range mentioned above. In the case of CH4, an increase in

the temperature leads to lower concentrations, whereas an increase in the pressure leads to

higher concentrations. In the case of CO2, an increase of the temperature leads to higher

concentrations, whereas an increase in the pressure leads to lower concentrations.

(a) (b)

Figure 3.1: Volumetric concentration of CH4 and CO2 in equilibrium.

3.2 Governing equations

There have been some works done regarding the simulation of Sabatier reactors. Lunde

[113] for instance proposed a mathematical model for a single-pass tubular packed-bed

reactor which was cooled by an annular co-current flow, the model consisted of a thermal

and chemical component. The thermal model did not consider temperature gradients in

the radial coordinate but rather in the axial coordinate, axial and radial heat transfer

were considered. The chemical component considers mass balance and kinetics, the reac-

tion rate was calculated with an experimental expression proposed by Lunde and Kester
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[114][115][4]. Haruhiko et al. [116] also modelled a round-shaped membrane reactor for

methanation purposes, the model consisted of spatial ordinary differential equations for the

mass balance of the gas components as well as a kinetic expression, the following assump-

tions were made: plug flow, uniform temperature of the catalyst. Er-rbib and Bouallou

[117] modelled and simulated a CO methanation process for the storage of electricity from

renewable energy sources, they considered a fixed-bed catalytic reactor and Aspen plusTM

was the software implemented for modelling, the kinetics were modelled according to the

approach used by Kopyscinski et al. [118], steady state and plug flow as well as negligible

axial heat and mass transfer were assumed. Additionally, Schlereth and Hinrichsen [119]

modelled a fixed-bed membrane reactor and the following assumptions were made: plug

flow, the kinetics were described according to Xu and Froment [120], ideal gas behaviour;

mass and energy balances were stated for the spatial and radial coordinate. Hou et al. [121]

investigated as well a packed-bed Sabatier reactor which was implemented to provide water

for space applications, in this case a three dimensional model which considered chemical

reaction, axial and radial fluid dispersion, heat transfer among the packed particles and

between the outer shell surface and atmosphere as well as heat conductivity in the reactor

shell was used.

In this doctoral thesis, a one-dimensional mathematical model was programmed in Matlab-

Simulink� in order to estimate the performance of the Sabatier reactor, the following

assumptions were made:

� Good reactor insulation and thus no thermal losses to the environment are considered

� Ideal gas behaviour

� Pressure drop along the reactor channel is considered negligible.

� Plug flow reactor

� Uniform temperature of the channel wall

� Uniform distribution of the reacting gas in the reaction channels

� Operation at constant pressure

� High conductivity across the channel wall thus only heat transfer between the gas

phase and the channel wall is considered.
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� Heat flux in the axial coordinate due to gas conductivity and species transport

By means of the mathematical model, gas compositions at the reactor outlet can be es-

timated. The model consists of a system of partial differential mass-, momentum- and

energy conservation equations established by Kee et al. [112] and Raja et al. [122] and

implemented in Brooks et al. [45] and it is defined below:

∂ρ

∂t
�

∂ρu

∂x
�

Pc

Ac

Kg

�
k�1

ṡkWk, (3.23)

∂ρYk

∂t
�

∂ρYku

∂x
�

∂jk
∂x

�

Pc

Ac

ṡkWk, (3.24)

∂ρu

∂t
�

∂ρu2

∂x
� �

∂P

∂x
�

Ph

Ac

τw, (3.25)

∂ρe

∂t
�

∂qg
∂x

� q̇gw. (3.26)

3.2.1 Temporal derivative of the species mass fraction

The temporal derivative of the species mass fractions of the gas phase Yk in the reactor

are estimated by means of equation (3.24) which can be rearranged as follows:

∂Yk

∂t
�

Pc

ρAc

ṡkWk �
Yk

ρ

∂ρ

∂t
�

1

ρ

∂ρYku

∂x
�

1

ρ

∂jk
∂x

(3.27)

Where, ρ denotes the density of the gas phase, t denotes time, x stands for the spatial

coordinate, Pc and Ac denote the catalytically active perimeter and cross-sectional flow

area of the channel respectively, Wk denotes the species molecular weight, ṡk stands for

the species molar rate of consumption or production and it is defined as:

ṡk � νkq (3.28)

Where νk denotes the stoichiometric coefficient of the species k and q stands for the rate

of progress for a global Sabatier reaction and it is defined as the difference between the

forward and the reverse reaction rate.

q � kn
f �XCO2�

n�XH2�
4n
� kn

r �XCH4�
n�XH2O�2n (3.29)
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�Xk� denotes the molar concentration of the gas-phase species and can be calculated as

follows:

�Xk� � Xk
P

RTg

(3.30)

WhereXk is the molar fraction of species k, P stands for the gas phase presure, R stands for

the universal gas constant, Tg denotes the gas phase temperature. n denotes the empirical

coefficient, kf and kr represent the forward and reverse rates respectively and these are

defined as follows:

kf � Aexp��Ea

RTg

� (3.31)

kr �
kf
Ke

(3.32)

The forward rate constant kf is defined in the Arrhenius form, A stands for the pre-

exponential Arrhenius or frequency factor and Ea stands for the activation energy, Ke is

the equilibrium constant for the Sabatier reaction, it is temperature dependent and can be

defined as follows according to Hou et al. [121]:

Ke � exp �0.503� 5600

T 2
g

�

34633

Tg

� 16.4ln�Tg� � 0.00557 � Tg � 33.165�� (3.33)

Where, Tg stands for the gas phase temperature. The species diffusion flux jk is defined

as:

jk � �ρ
Wk

W
Dkm

∂Xk

∂x
(3.34)

Where Dkm stands for the mixture diffusion coefficients and are defined as follows:

Dkm �

1 � Yk

�
Kg

j�kXj	Djk

(3.35)

Where Xj stands for the mole fraction of the species gas-phase and Djk for the binary

diffusion coefficients and can be defined according to Kee et al. [112] as follows:

Djk � 0.0188



T 3
g 	Wjk

Pσ2
jkΩ

�1,1���T �

jk� (3.36)

The binary diffusion coefficients are a function of the temperature T, pressure P, species

reduced molecular weight Wjk (equation 3.37), reduced collision diameter σjk (equation

3.38), reduced collision integral Ω�1,1�� which at the same time is a function of the reduced
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temperature T �

jk and the interaction potential between the molecules [112], the reduced

collision integral1 and temperature are defined in equations (3.39) and (3.40) respectively.

Wjk �
WjWk

Wj �Wk

(3.37)

σjk �
σj � σk

2
(3.38)

Ω�1,1���T �

jk� � 1.0548T ��0.15504
� �T �

� 0.55909��2.1705 (3.39)

T �

jk �
kBT

εjk
(3.40)

The reduced temperature is a function of the temperature and the reduced potential well

depth �εjk�kB� which is defined as follows:

εjk
kB

�

�� εj
kB

�� εk
kB

� (3.41)

Where kB stands for the Boltzmann constant and εjk represents strength of the interaction

between molecules j and k. Kee et al. [112] presents different ways to estimate σ and�ε�kB� for each gas species. The model implemented in this doctoral thesis considers the

following definitions for the aforementioned quantities after 5 and 7 rule respectively:

σ � 2.393�Tc

Pc

�1�3 (3.42)

ε

kB
� 0.75Tc (3.43)

Tc and Pc stand for the critical temperature in (K) and pressure in (atm).

3.2.2 Temporal derivative of the velocity

The temporal derivative of the gas phase velocity u is estimated by rearranging equation

(3.25) as follows:
∂u

∂t
� �

1

ρ

∂P

∂x
�

1

ρ

Ph

Ac

τw �
u

ρ

∂ρ

∂t
�

1

ρ

∂ρu2

∂x
(3.44)

1It is defined assuming a Lennard-Jones potential for non-polar interactions. The Lennard-Jones potential
describes the molecular interaction between the molecules as a function of the distance, it states that
molecules are more-likely to repulse themselves when the distance between them is small, however if
the distance between the molecules increases, an attraction force dominates their interaction.
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3.2. Governing equations

Where Ph denotes the hydraulic diameter of the channel; in equation (3.44), the pressure

gradient along the reactor channel ∂P �∂x is negligible, the shear stress between the fluid

and channel wall τw is defined as:

τw �

fρu2

2
(3.45)

Where f stands for a friction factor that depends on the Reynolds number Re (equation

3.48) and the channel aspect ratio α (equation 3.47)

f � �13.74
Re

�

10.38 exp��3.4�α�
Re

� (3.46)

α �

Hch

Wch

(3.47)

Where Hch and Wch stand for the channel height and width respectively.

Re �
ρuPh

μ
(3.48)

Ph stands for the channel hydraulic diameter (equation 3.49), ρ stands for the density of

the gas mixture, u and μ, gas phase velocity and viscosity respectively (equation 3.50).

Ph �
2HchWch

Hch �Wch

(3.49)

The viscosity of the mixture can be calculated according to the semi-empirical equation

proposed by Wilke [123] as follows:

μ �

K

�
k�1

Xkμk

�K
j�1XjΦkj

(3.50)

Where Φkj can be calculated as shown below:

Φkj �
1�
8
�1 � Wk

Wj

�
�1�2 	


1 � �
μk

μj

�
1�2

� �Wj

Wk

�1�4
�
2

(3.51)

The values of μ for each gas species are taken from the data base of the National Institute

of Standards Technology (NIST).
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3.2.3 Temporal derivative of the temperature

The temporal derivative of the gas phase temperature is estimated by using equation (3.26)

where the specific internal energy e of the gas mixture can be substituted by the enthalpy

and the temporal gradient of the pressure is negligible:

h � e �
P

ρ
(3.52)

∂Tg

∂t
�

q̇gw
ρCp

�

λ�2Tg

ρCp

�
u

ρCp

∂Tg

∂x
�

1

ρCp

Kg

�
k�1

hk �∂ρYku

∂x
�
∂jk
∂x

� ṡkWk� � ∂ρ

∂t

�
Kg

k�1 Ykhk

ρCp

(3.53)

Where Cp stands for the heat capacity of the gas mixture and it can be defined as:

Cp �

Kg

�
k�1

YkCpk (3.54)

q̇gw represents the convective heat transfer between the gas flow and the channel wall and

it is defined as follows:

q̇gw �

Ph

Ac

hconv�Tw � Tg� (3.55)

Where, hconv the convective heat transfer coefficient and the temperature of the reactor

channel wall Tw. hk stands for the enthalpy of species k and the term �2Tg denotes the

second spatial derivative of the gas phase temperature.

hconv �
Nuλ

Ph

(3.56)

Equation (3.56) defines the convective heat transfer coefficient which is a function of the

Nusselt number Nu (equation 3.57), the thermal conductivity of the gas phase mixture λ

(equation 3.60) and the hydraulic diameter.

Nu � 2.977 � 6.854�1000
Gz

�
�0.5368

exp��42.49
Gz

� (3.57)

The Nusselt number is a function of the Graetz number Gz. The Graetz number is a

function of the Reynolds, Prandtl number (Re,Pr) as well as channel hydraulic diameter

and the channel length x.

Gz �
RePrPh

x
(3.58)
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3.3. Determination of the kinetic parameters of the Sabatier reaction

Pr �
Cpμ

λ
(3.59)

The Prandtl number is a function of the mixture heat capacity Cp, viscosity μ and thermal

conductivity λ which is calculated as follows:

λ �

1

2
� K

�
k�1

Xkλk �
1

�K
k�1Xk�λk

� (3.60)

The values of λk which denote the thermal conductivity of species k were taken from the

data base of the National Institute of Standards Technology (NIST) as it was done in the

subsection 3.2.2.

3.3 Determination of the kinetic parameters of the

Sabatier reaction

3.3.1 Lunde and Kester approach

Equation (3.28) defines the destruction/production rate of the gas-phase components which

depends on the global rate of progress of the Sabatier reaction. The global rate of progress

of the Sabatier reaction was defined in equation (3.29) as the difference between the forward

and backward rates. In this expression, the activation energy Ea, the pre-exponential

Arrhenius factor A and the empirical coefficient n are parameters which values are specific

to the catalyst nature. Lunde and Kester [4][114] described in their work a procedure to

determine experimentally these parameters. For the procedure, a stainless steal tubing

reactor with an internal diameter of 1.1 cm and a length of 4.5 cm was used. The reactor

was submerged in a oven-heated molten salt bath in order to ensure isothermal operation.

According to Lunde and Kester [4], the gas phase kinetics for the Sabatier reaction can be

proposed as follows:

�

d�PCO2�
dt

� kn
f �PCO2�n�PH2�4n � kn

r �PCH4�n�PH2O�2n (3.61)

Where Pk stands for the partial pressure of species k, kf and kr are the forward and backward

reaction rate respectively. n is equal to 1 for pure gas phase kinetics [114]. If the chemical
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equilibrium is reached, the temporal change of the CO2 is equal to zero and consequently:

Ke �
kf
kr

�

�PH2O�2�PCH4��PCO2��PH2�4 (3.62)

The empirical exponent n cancels and Ke can be defined as a classic thermodynamics.

Then equation (3.61) can be rewritten as follows:

�

d�PCO2�
dt

� kn
f ��PCO2�n�PH2�4n � �PCH4�n�PH2O�2n

Ken
� (3.63)

The temperature dependence of the reaction rates as mentioned above has the general

Arrhenius relationship:

kn
f �Tg� � Aexp��Ea

RTg

� (3.64)

And the final from of the rate expression can be written as follows:

�

d�PCO2�
dt

� Aexp��Ea

RT
���PCO2�n�PH2�4n � �PCH4�n�PH2O�2n

Ken
� (3.65)

Equation (3.65) can be rewritten and integrated over the reactor length:

�
τ

0
Aexp��Ea

RT
�dt � � P out

CO2

P in
CO2

�d�PCO2��PCO2�n�PH2�4n � 1
Ken �PCH4�n�PH2O�2n � exp�Y � (3.66)

P in
CO2

denotes the inlet partial pressure of CO2, P out
CO2

stands for the outlet partial pressure

of CO2, τ denotes the contact time which is normally expressed as the space velocity Sv =

1	τ . Integrating the left side of equation (3.66) and rearranging:

Aexp��Ea

RT
� � Sv �

P out
CO2

P in
CO2

�d�PCO2��PCO2�n�PH2�4n � 1
Ken �PCH4�n�PH2O�2n � exp�Y � (3.67)

The evaluation of exp(Y) in equation (3.67) can be carried out numerically. After each

increment, corrected values of Pk are calculated [4] as follows:

P
�

CO2 � PCO2 �ΔPCO2 (3.68)

P
�

H2 � PH2 � 4ΔPCO2 (3.69)

P
�

CH4 � PCH4 �ΔPCO2 (3.70)
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3.3. Determination of the kinetic parameters of the Sabatier reaction

P
�

H2O � PH2O � 2ΔPCO2 (3.71)

A normalisation of the new pressures is required so that the sum equal the total pressure:

P
�

know � P
�

k

�k Pk

�k P
�

k

(3.72)

For a particular experimental run the rate expression can be then defined as:

exp�Y � � Aexp� Ea

RTg

� (3.73)

If logarithms on both sides of equation (3.73) are taken, the resulting expression is a line

of the form:

Y � �

Ea

R
� 1

Tg
� � ln�A� (3.74)

Which means that the slope of a plot Y vs 1/T is -Ea/R and the y-intercept corresponds to

the logarithm of the pre-exponential Arrhenius factor. The value of n must be determined

by trial and error since incorrect n values do not correlate linearly the experimental data.

Lunde and Kester [114] proposed also a method to determine the pre-exponential Arrhenius

factor, once the values of n and Ea are known. In this case equation (3.65) can be rewritten

as follows:

A � eEa�RT �dPCO2

dt
�� �1

	PCO2
n	PH2
4n � 1
Ken 	PCH4
n	PH2O
2n� (3.75)

If the change in the CO2 partial pressure as the gas flows through the reactor is defined as

X, the variables can be separated and integrated thus:

A � �eEa�RT �dX
dt

� �1

	P in
CO2

�X
n	P in
H2
� 4X
4n � 1

Ken 	X
n	2X
2n � (3.76)

A � �eEa�RT ��
P out
CO2

P in
CO2

� dx
�P in

CO2
�X�n�P in

H2
�4X�4n� 1

Ken
�X�n�2X�2n

�
� tout
tin

dt
(3.77)

Substituting the space velocity sv, equation (3.77) can be rewritten as follows:

A � �eEa�RT �sv � P in
CO2

�P out
CO2

0
� dx

	P in
CO2

�X
n	P in
H2
� 4X
4n � 1

Ken 	X
n	2X
2n � (3.78)
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The integral described in equation (3.78) involves known kinetic parameters, inlet and

outlet concentrations of CO2 (P in
CO2

, P out
CO2

), inlet concentration of H2 (P in
H2
) and the variable

X, it can be solved graphically or numerically [114]. Figure 3.2 shows an example of the

method proposed by Lunde and Kester for the determination of the kinetic parameters.

Figure 3.2: Determination of the activation energy using the method proposed by Lunde
and Kester.

3.3.2 Experimental runs

For the determination of the parameters Ea, A and n, 22 experimental tests2 were run

in the lab. Half of them were used to determine the value of Ea whereas the remaining

half of the tests were used to determine the value of A. For Each test the volumetric

percentages of CO2, H2, and CH4 were measured with the gas chromatograph at the

reactor outlet. The reactor temperature, pressure and inlet volumetric flow of species were

set by the control strategy of the PtG plant. The reactor and the PtG plant used to carry

out the experiments are described in chapter 4. Figure 7.3 and 7.4 in the appendix list

the experimental conditions for all tests. The acquired data were used to estimate the

conversion of hydrogen and the volumetric percentage of water vapour produced during

the reaction, but the following assumptions are necessary:

2The volumetric percentages of species at the reactor outlet were measured by the gas chromatograph 5
times for each experimental run.
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3.3. Determination of the kinetic parameters of the Sabatier reaction

� No production of side products such as ethane and propane

� No production of intermediate product such as carbon monoxide

This estimation was necessary since water is condensed upstream the gas chromatograph.

In order to estimate the conversion of hydrogen, the sum of the relative error between the

estimated and measured volumetric percentage of species was minimised using equation

(3.79). Where ξH2est is the estimated conversion of hydrogen, V̇kest denotes the estimated3

volumetric percentage of species k at the reactor outlet and V̇kmes denotes the volumetric

percentage of species k which was measured by the gas chromatograph at the reactor outlet.

ξH2est �min

������
� V̇CO2est � V̇CO2mes

V̇CO2mes

�
2

� � V̇H2est � V̇H2mes

V̇H2mes

�
2

� � V̇CH4est � V̇CH4mes

V̇CH4mes

�
2������

(3.79)

After the estimated conversion of hydrogen was determined, new volumetric percentages

of species, molar fractions and partial pressures were calculated at the outlet as follows:

V̇CO2new � V̇CO2in �

1

4
� ξH2estV̇H2in (3.80)

V̇H2new � V̇H2in � ξH2estV̇H2in (3.81)

V̇CH4new � V̇CH4in �

1

4
� ξH2estV̇H2in (3.82)

V̇H2Onew � V̇H2Oin
�

1

2
� ξH2estV̇H2in (3.83)

Where V̇knew denotes the new outlet volumetric percentage of species k which is calculated

on the basis of the estimated conversion of hydrogen (ξH2est) and the inlet volumetric of

species k (V̇kin) as well as hydrogen (V̇H2in). Figure 3.3 and 3.4 show the measured and new

volumetric percentages of the gas components used in the determination of the activation

energy and the pre-exponential Arrhenius factor respectively.

3The estimated values of the volumetric percentages for the species k (V̇kest) were computed by varying
the conversion of hydrogen from 0 - 1.

67



3. Modelling

Figure 3.3: Estimated and measured vol.% of CO2, H2, CH4 as well as estimated vol.% of
H2O used in the determination of the activation energy.

Figure 3.4: Estimated and measured vol.% of CO2, H2, CH4 as well as estimated vol.% of
H2O used in the determination of the pre-exponential Arrhenius factor.

The new molar fractions (Xknew) were calculated as the ratio between the new volumetric

percentages and their total sum (V̇totalnew).

XCO2new �

V̇knew

V̇totalnew

(3.84)

XH2new �

V̇H2new

V̇totalnew

(3.85)
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XCH4new �

V̇CH4new

V̇totalnew

(3.86)

XH2Onew �

V̇H2Onew

V̇totalnew

(3.87)

The partial pressures of CO2, H2, CH4 and H2O were calculated assuming ideal gas mixture

which states that the partial pressure of a species k (Pk) can be calculated as a function

of the gas phase pressure and the molar fraction of species k as follows:

Pk � Xknew � P (3.88)

In equation (3.88), P denotes the gas phase pressure which was held at 15 bar during the

22 experimental runs. After the partial pressures of the gas components considering water

vapour were calculated, the approach proposed by Lunde and Kester which was described

in section 3.3.1 was carried out. Different values of the empirical coefficient n between 0.1 -

1.0 were tested, after calculating the standard deviation of the points generated by equation

(3.67) to the curve fit, n was determined as the value which generated the plot with the

minimum standard deviation. Figure 3.5 depicts the value of the standard deviation vs

the empirical coefficient n in the aforementioned range.

Figure 3.5: Standard deviation of the Y values with respect to the curve fit vs the empirical
coefficient n.

Lunde and Kester [115] reported in their work an interval of values for n with a minimum

standard deviation of 0.1532 which generated reasonable correlations to their experimental

data. The value of n reported by these authors is 0.225. Regarding the experimental
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data obtained in the PtG lab, no interval was found, a minimum value for the standard

deviation of 0.3046 and a value for n of 0.52 were determined. The results are depicted in

figure 3.6. Where, Y is the natural logarithm of the quantity defined in equation (3.67).

Figure 3.6: Y vs the inverse of the reactor mean temperature. Experimental data used to
determine the activation energy of the Ru-based catalyst in the reactor.

After following the methodology described above and determining the value of n, values

for Ea and A of 74567 btu/lb mol CO2 (173.43 kJ/mol) and 0.1975 x 1015 hr-1 atm-1.6

(3.777 x 1011 mol-0.52 m-1.56 sec-1) were respectively found. As it can been seen in figure 3.6

and figure 7.5 in the appendix, the values of Y are too scattered if they are compared with

the data found in the literature (figure 3.2) i.e. the standard deviation of the experimental

data to the fit is greater than those reported by Lunde and Kester [4]. These results are

attributed to the non-isothermal operation of the reactor which is caused by its size, since

its temperature is controlled and set by the control strategy as the mean value of seven

thermocouples along the reactor. In figure 3.7, a comparison is presented between the

values reported in the literature and those obtained in the PtG lab.
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3.4. Spatial discretisation

Figure 3.7: Y vs the inverse of the reactor mean temperature. Left : Experimental data
found by Lunde und Kester [4]. Right: Experimental data used to determined
the activation energy of the Ru-based catalyst in the reactor.

3.4 Spatial discretisation

For the spatial discretisation of the reactor model, equally spaced control volumes in the

direction of flow are defined. The state variables �ρ, Yk, u, T � are computed at the nodes xn,

whereas the inlet and outlet boundary conditions are model parameters that are defined

and can vary during the simulation. Figure 3.8 illustrates the discretisation of the reactor

spatial coordinate.

Figure 3.8: Discretisation of the spatial coordinate.

The first and second order spatial derivatives are computed for every time iterations and

defined as follows:
∂f

∂x
�

f�xn�1� � f�xn�

xn�1 � xn

(3.89)

∂2f

∂x2
�

f�xn�1� � 2f�xn� � f�xn�1�

�xn�1 � xn�2
(3.90)

Once the partial differential equations are discretised, a system of ordinary differential

equations which depends on time is solved with one of the built-in Simulink solvers. Fur-

71



3. Modelling

thermore, an optimisation regarding the number of segments was carried out by analysing

how much the estimated volumetric percentage of CH4 changed with the number of seg-

ments. As it can be seen in figure 3.9 the optimum number of segments found was 40.

This is the smallest number of segments within a tolerance of 1.0%.

Figure 3.9: Optimum number of segments.

3.5 Model structure and simulation environment

3.5.1 Model structure

The reactor model has as inputs initial, boundary conditions of the gas phase as well as

reactor and reaction parameters. As outputs, the density, species mass fractions, velocity,

temperature and pressure of the gas phase are computed, the model structure is depicted

in figure 3.10.

Figure 3.10: Structure of the Matlab-Simulink model
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3.5.2 Simulation environment

The simulation environment was assembled in Matlab-Simulink�. It consists of two

simulink subsystems, (state variables and integration) as well as one embedded-function

(microchannel function). State variables subsystem contains the values of the state vari-

ables and constant values such as reaction, reactor and species-dependent parameters as

well as inlet and outlet boundary conditions as shown in figure 3.11a and 3.11b. The out-

(a) Subsystem state of variables (b) Subsystem inputs and outputs

Figure 3.11: Subsystem state of variables (graphical representation)

puts of this subsystem are conveyed to the microchannel function (figure 3.12a) where the

temporal derivatives of the state variables (equation 3.23, 3.27, 3.44 and 3.53) are com-

puted. The value of the state model state variable is obtained by integrating the temporal

derivatives and this takes place in the integration subsystem (figure 3.12b). Subsequently,

the outputs of the integration subsystem are fed back as inputs of the state variables

subsystem thus the temporal derivatives for the next time step are computed.
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(a) Microchannel embedded function (b) Integration subsystem

Figure 3.12: Micro-channel function and integration Subsystem

Figure 3.13 depicts structure of the integration subsystem. The temporal derivatives of

the density, species mass fraction, velocity, temperature of the gas phase are integrated

through integrator blocks whereas the gas phase pressure is considered to be constant.

Figure 3.13: Structure of the integration subsystem

The species mole fractions are calculated as follows:

Xk �
YkW

Wk

(3.91)
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Where W stands for the average molecular weight of the gas mixture (equation 3.92).

Figure 3.14 shows the structure of the simulation environment.

W �

ρRT

P
(3.92)

Figure 3.14: Simulation environment programmed in Matlab-Simulink

3.5.3 Model results

This subsection presents the temporal profiles of the volumetric percentages at the reactor

outlet for CH4, CO2 and H2. The effect of the temperature, pressure and inlet volumetric

flow of educt gas on the outlet volumetric percentage of these gas species is analysed and

discussed. To analyse the effect of the temperature, a determined pressure and different

channel wall temperatures were set as model parameters, whereas the effect of the pressure

was analysed by setting a determined channel wall temperature and varying the reactor

operating pressure, the value of the inlet volumetric flow of educt gas was set to 1.0 Nm3/h

for both analysis. The analysis of the inlet volumetric flow of educt gas was analysed

by carrying out different simulations in which the volumetric flow was varied as a model

parameter. Additionally, for this case a determined channel wall temperature and pressure

were set as parameters in the reactor model was well. In all the aforementioned cases, the
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gas composition of educt gas had the following volumetric proportion: 4:1 with respect

to H2 and CO2 and 1:1 with respect to CO2 and CH4. Figure 3.15a and 3.15b show the

estimated volumetric percentage of the gas components along the reactor length for an

inlet volumetric flow of 1 Nm3/h and 350 �C.

(a) Vol.-% of CO2, H2, CH4 and H2O. Inlet com-
position of the mixture: 80% H2, and 20%
CO2

(b) Vol.-% of CO2, H2, CH4. Inlet composition
of the mixture: 66.6% H2, 16.6% CO2 and
16.8% CH4

Figure 3.15: Vol.% of the gas components along the reactor length; Inlet volumetric flow
1Nm3/h and 350 �C.

3.5.3.1 Temperature effect on the CH4 CO2 and H2 outlet volumetric percentage

In order to analyse the effect of the temperature on the CH4, CO2 and H2 volumetric

percentage, simulations were carried out setting a constant channel wall temperature of

200, 225, 250, 275, 300, 325, 350 �C and a pressure of 15 bar, the estimated volumetric

concentration of CH4 is shown in figure 3.16.
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Figure 3.16: Temperature effect on the CH4 outlet volumetric percentage. 1 Nm3/h inlet
volumetric flow of educt gas, 15 bar reactor operating pressure.

Figure 3.16 depicts the temporal profile of the CH4 volumetric percentage at the temper-

atures specified above. An increase in the CH4 volumetric percentage in steady state can

be seen as the reactor wall temperature increases e.g. 73.6% was estimated at a reactor

wall temperature of 200 �C whereas at a 350 �C the highest concentration (89.3%) was

estimated. This is explained by the temperature dependency of the reaction kinetics i.e.

an increase in the temperature accelerates the kinetics of the Sabatier reaction and this

leads to higher CO2 conversion rates and CH4 volumetric percentages.

Figure 3.17: Temperature effect on the CO2 outlet volumetric percentage. 1 Nm3/h inlet
volumetric flow of educt gas, 15 bar reactor operating pressure.
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Figure 3.17 shows the temporal profile of the CO2 volumetric percentage at the temper-

atures specified above. The CO2 volumetric percentage in steady state decreases as the

reactor wall temperature increases e.g. 5.2% was estimated when the reactor wall tem-

perature was set to 200 �C, a simulation in which the reactor wall temperature was set

to 350 �C, estimated a CO2 volumetric percentage of 2%. This corroborates the previous

statement regarding the reaction kinetics and its temperature dependency. In figure 3.17

can also be seen that the initial CO2 volumetric percentage is equal to 100%, this is due

to the fact that during the experimental runs only CO2 was fed into the reactor in order

to set the operating pressure before the reaction began.

Figure 3.18: Temperature effect on the H2 outlet volumetric percentage. 1 Nm3/h inlet
volumetric flow of educt gas, 15 bar reactor operating pressure.

Figure 3.18 shows the temporal profile of the H2 volumetric percentage for the temper-

atures specified above. It can also be seen that higher reactor wall temperatures lead to

higher H2 conversions in steady state e.g. simulations in which the reactor wall tempera-

ture was set to 200 �C, estimated a H2 volumetric percentage of 21.2%, whereas, 8.6% was

estimated when the reactor wall temperature was set to 350 �C.

3.5.3.2 Pressure effect on the CH4 CO2 and H2 outlet volumetric percentage

The effect of the reactor pressure on the CH4, CO2, and H2 volumetric percentage was

analysed by carrying out simulations where the gas-phase pressure was set to 7, 9, 11, 13,

and 15 bar. In all simulations the reactor wall temperature was set to 350 �C and the

inlet volumetric flow of educt gas was set to 1 Nm3/h. Figure 3.19 depicts the temporal
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profile of the CH4 volumetric percentage for the pressures mentioned above. It can be seen

that an increase in the gas-phase pressure leads to higher CH4 volumetric percentages in

steady state e.g. a CO2 volumetric percentage of 65.4% was estimated at 7 bar whereas

89.3% was estimated at 15 bar. An increase in pressure displaces the equilibrium of the

Sabatier reaction towards product formation, moreover the gas molecules can reach easier

the catalyst active sites.

Figure 3.19: Pressure effect on the CH4 outlet volumetric percentage. 1 Nm3/h inlet volu-
metric flow of educt gas, 350 �C reactor wall temperature

Figure 3.20 shows the temporal profile of the volumetric percentage of CO2 for the

pressures mentioned above. As it is expected, the volumetric percentage of CO2 in steady

state decreases when the pressure increases as a consequence of the reaction nature. For

instance, a CO2 volumetric percentage of 6.9% was estimated for an operating pressure of

7 bar, whereas a CO2 volumetric percentage of 2.1% for an operating pressure of 15 bar.
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Figure 3.20: Pressure effect on the CO2 outlet volumetric percentage. 1 Nm3/h inlet vol-
umetric flow of educt gas, 350 �C reactor wall temperature

A similar behaviour can be observed for the case of the H2 volumetric percentage in figure

3.21 which depicts the temporal profile for the pressures mentioned above. According to

the simulations, 27.7% was estimated at a pressure of 7 bar whereas 8.6% was estimated

at 15 bar.

Figure 3.21: Pressure effect on the H2 outlet volumetric percentage. 1 Nm3/h inlet volu-
metric flow of educt gas, 350 �C reactor wall temperature
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3.5.3.3 Effect of the inlet volumetric rate on the CH4, CO2 and H2 outlet

volumetric percentage

To analyse the effect of the inlet volumetric flow of educt gas on the CH4, CO2 and H2

outlet volumetric percentage, simulations were carried out for 0.75, 1.0 and 1.5 Nm3/h.

For all simulations, the channel wall temperature and pressure were set to 350 �C and 15

bar as model parameters. Figure 3.22 shows the temporal profile of the CH4 volumetric

percentages for the inlet flows mentioned above. It can be seen that higher inlet volumetric

flows lead to lower CH4 volumetric percentages in steady state due to shorter residence

times of the educt gas. For instance, 89.3% was estimated for a volumetric flows equals to

1 Nm3/h whereas, 83.1% was estimated for an inlet volumetric flow of 1.5 Nm3/h.

Figure 3.22: Effect of the inlet volumetric flow on the CH4 outlet volumetric percentage.
350 �C reactor wall temperature and 15 bar operating pressure.

Figure 3.23 shows the temporal profile of the CO2 outlet volumetric percentage for the

inlet flows mentioned above. The simulation shows higher CO2 volumetric percentages as

the inlet flow increases which is consequent with the tendency shown by CH4. For instance,

2.1% was estimated when the inlet flow was set to 1 Nm3/h, whereas 3.3% was estimated

for an inlet flow of 1.5 Nm3/h.
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Figure 3.23: Effect of the inlet volumetric flow on the CO2 outlet volumetric percentage.
350 �C reactor wall temperature and 15 bar operating pressure.

Figure 3.24 shows the temporal profile of the H2 volumetric percentage for the inlet flows

mentioned above. The simulation shows higher H2 volumetric percentages as the inlet flow

increases which is consequent with the tendency shown by CH4 and CO2. For instance,

8.6% was estimated when the inlet flow was set to 1 Nm3/h, whereas 13.6% was estimated

for an inlet flow of 1.5 Nm3/h.

Figure 3.24: Effect of the inlet volumetric flow on the H2 outlet volumetric percentage.
350 �C reactor wall temperature and 15 bar operating pressure.
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3.6 Control strategy and the reactor model

The operation of the lab-scale PtG plant was ensured through a control strategy pro-

grammed in C++. Different operating states were defined in the control strategy i.e.

according to the state, different instructions are transmitted to the software and then spe-

cific actions are carried out by the actuators in the system. The transition between states

is achieved by checking certain logical conditions which determine whether to change state

or not. This program is run each 10 ms in a Beckhoff PLC. Additionally, the real-time

signals of the system can be visualised through graphical interfaces. In case of a system

failure, the process is interrupted and the shut-down of the system is triggered by the

control strategy [124]. Figure 3.25 shows the states which were defined for the operation

of the lab-scale PtG plant.

Figure 3.25: State machine

[124]
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3.6.1 Reactor model as state observer

A state observer is a computer tool which is used in control strategies to estimate indirectly

the internal state of a real plant based on its inputs and outputs. Normally, the state of

the system of interest depends on some variables which cannot be measured. Moreover,

model simplifications are commonly implemented as a way to optimise calculation times.

The state of a system of interest can be described by its known inputs and unknown

disturbances as shown in equation 3.93.

q�t � 1� � Aq�n� � bx�n� �w�n� (3.93)

Where, the term q�n� denotes the system state, x�n� represents the known input(s) and

w�n� denotes the unknown system disturbances. The known or measured output(s) of the

system y�n� are described in equation (3.94), the term ζ�n� represents the measurement

noise [125].

y�n� � cT q�n� � dx�n� � ζ�n� (3.94)

The reactor model is going to be used as an state observer for a larger PtG plant. It will

be integrated in a control strategy in order to monitor the performance of the Sabatier

reactor, more specifically the real-time CH4 outlet volumetric percentage will be compared

to the model estimate at specifics operating conditions (temperature, pressure and inlet

volumetric percentage of educt gas). However, the model needs to be linearised due to

the fact that it consists of non-linear partial differential equations which do not allow a

simulation in real time.
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4 PtG lab-scale plant

This chapter describes the components of the PtG plant which was operated in order to

carry out the reactor experimental runs. The PtG lab-scale plant consists of two com-

ponents, the gas supply and the methanation unit. Since a reactor warmup and cooling

is required during the startup and shutdown state respectively, a heat exchange between

an electric heater (during the reactor warmup), water (during the reactor cooling) and a

thermal coolant took place. Gas samples of the product stream were taken in steady state

operation and sent to a lab in order to determine their composition. See appendix 7 for a

better understanding of the structure and functioning of the PtG plant.

4.1 Gas supply

The gas supply consisted of standard pressurised bottles of CO2, CH4, H2 and N2. The

gas mixture was adapted in order to emulate a biogas plant and the electrolyser. N2 was

used to purge the plant. The gas bottles were placed inside three special cabinets for

security reasons. CH4, H2 and N2 were stored at 200 bar, whereas CO2 was stored at 60

bar. In order to achieve the desire composition of the educt gas, mass flow controllers

manufactured by Bronkhorst� were installed as shown in figure 4.1b.

(a) Security cabinets (b) Mass flow controllers

Figure 4.1: Gas supply [126].
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A set of pressure reducers manufactured by IBEDA were integrated between each gas

bottle and the mass flow controllers in order to set the working pressure of the plant. The

educt gas was then directed to the reactor through a stainless steal pipeline c.a. 10 m long.

Figure 4.2 shows a graphical representation of the pressure reducers.

Figure 4.2: Pressure reducers

4.2 Methanation

The methanation, consisted of a micro-channel reactor with counter-flow heat exchanging

properties. The reactor was manufactured by Fraunhofer ICT-IMM and consisted of two

stacks, the distributing and reacting stack. Moreover, the reactor was equipped with 4

electric heaters (each of them with a rated power of 300 W) for start-up purposes. The

distributing stack ensured a homogeneous distribution of the educt gas in the reactor

channels, whereas in the reacting stack the Sabatier reaction took place. The reacting

stack consisted of two different types of platelets, those which were in contact with the

educt gas and those which were in contact with the thermal coolant. The first type of

platelet had a width of 1 mm, a height of 0.7 mm, a length of 130 mm and were coated

with Ru-based catalyst layer (80 μm-thick). The second type of platelet had a width of

0.3 mm, a height of 0.3 mm and a length of 99 mm. The reacting stack was made of 70

platelets (35 in contact with the educt gas and 35 with the thermal coolant), 40 micro-

channels were etched on each platelet [127]. In order to avoid thermal a mechanical stress

of the material, the reactor could not be heated up or cooled with a velocity greater/lower
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than 15 C/min and the pressure difference between the reacting and cooling side could

not exceed 2 bar.

(a) Reaction side platelet (b) Coolant side platelet

Figure 4.3: Type of platelets in the reacting stack [128].

Figure 4.3a illustrates a platelet in contact with the educt gas. Whilst, figure 4.3b

illustrates the type of platelet which is in contact with the thermal coolant. Figure 4.4a

illustrates how the reacting stack was manufactured, a counter-flow between the educt gas

and the thermal coolant can be seen.

(a) Methanation reactor (b) Reacting stack of the reactor

Figure 4.4: Methanation reactor and its reacting stack [128].

A periphery which allowed the flow and heat transfer of the thermal coolant, reactor,

electric heater, heat exchanger and water was also part of the PtG lab plant. During

the start-up process, the coolant was heated up through a micro-channel electric heater

with a rated power of 2.4 kW which was manufactured by Fraunhofer ICT-IMM. Thereby,

87



4. PtG lab-scale plant

heat was transferred from the thermal coolant to the Sabatier reactor thus the operating

temperature could be reached. In order to cool the methanation reactor, during the shut-

down process part of the thermal coolant was directed to a plate heat exchanger by the

means of the three-way valve. The plate heat exchanger operated at atmospheric pressure

and ambient temperature. This part of the lab-scale PtG plant can be divided as follows:

� Thermal coolant which consisted of a heat transfer fluid manufactured by FRAGOL

GmbH + Co. KG, the thermal coolant could be used between 10 - 380 �C and it had a

boiling point of 271 �C at atmospheric pressure. Heat recovery from flue gas, indirect

heating of chemical processes and cooling of exothermic reactions are examples of its

applications.

� Circulating pump with a motor rated power of 0.5 kW and a maximum volumetric

flow of 30 l/min.

� Plate heat exchanger manufactured by Lytrons� with a performance of 16 kW. It

was made of 10 stainless steel plates which can operate in a temperature range of

-195 to 350 �C and it could withstand a maximum operating pressure of 31.5 bar.

� Three-way valve, used to create a by-pass between plate heat exchanger and the

Sabatier reactor during the shutdown state.

Figure 4.5a and figure 4.5b show the plate heat exchanger and the three-way valve that

were implemented during the shut-down process of the lab-scale PtG plant. Additionally,

figure 4.6 shows the circulating pump used to circulate the thermal coolant.
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(a) Plate heat exchanger (b) Three-way valve

Figure 4.5: Plate heat exchanger and three-way valve

Figure 4.6: Pump

4.3 Technique of measurement

For the measuring of the product gas, an analyser manufactured by Sensors Europe was

implemented. Before analysing the composition of the product gas, water vapour was con-

densed. However accurate measurements were not possible to be taken because the sensors

showed species cross-sensitivity. Consequently, gas samples which contained the product

gas were taken and analysed at SGS INSTITUT FRESENIUS GmbG. Tedlar and multi-
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layer polypropylene bags with a maximum capacity of 1 L were used for such a purpose.

Moreover, samples of the educt gas were as well taken and analysed in order to calibrate the

mass flow controllers. Later on in the project, a micro gas chromatograph manufactured

by Agilent was integrated into the PtG plant in order to compare the measurements of

the gas analyser (Sensors Europe) and correct the species cross-sensitivity. The gas chro-

matograph consisted of four independent column channels which have a micro-machined

injector, carrier gas control, an analytical column and a micro thermal conductivity detec-

tor (μ TCD) which detects the difference between a reference cell (gas carrier only) and a

measurement cell (gas carrier with components) [129]. Argon was used as gas carrier for

channel 1, whereas Helium was used for channel 2, 3, 4. Channel 1 consisted of a molsieve

5Å column, it is designed to separate permanent gases, methane, CO, NO, among others

and it was used in this case to measure H2. Channel 2 likewise consisted of a molsieve

5Å column, it is designed to separate O2, N2, CH4, and CO. However, in this case only

CH4 was measured on this channel. Channel 3 consisted of a PoraPLOT U column, it

is designed to separate Hydrocarbons C1–C6, halocarbons/freons, anesthetics, H2S, CO2,

SO2, volatile solvents, ethane, ethylene, and acetylene. In this case, only CO2 was mea-

sured on this channel. Channel 4 consisted of a PlotAl2O3/KCL column which is designed

to separate light hydrocarbons C1–C5 saturated and unsaturated, this channel was used

to measure propane [129]. A graphical representation of the micro gas chromatograph is

depicted in figure 4.7.

Figure 4.7: Overview of the micro gas chromatograph [129].
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The methanation reaction was tested for four different inlet volumetric flows of educt gas

(0.25, 0.50, 0.75 and 1.0 Nm3/h) which correspond to the 25%, 50%, 75% and 100% of the

reactor nominal capacity. For these inlet volumetric flows, the temperature and pressure

of the reactor were set to 350 �C and 15 bar. Figure 5.1 shows the estimated, measured

and equilibrium volumetric percentage of CH4 for the aforementioned operating points.

The measured data show a CH4 volumetric percentage of 75, 52.6, 44 and 36.6 for the four

Figure 5.1: Measured, estimated and equilibrium concentration of CH4. Operating condi-
tions: 350 �C, 15 bar, 0.25, 0.50, 0.75 and 1.0 Nm3/h.

variations of the inlet volumetric flow. As the inlet volumetric flow increases, a decrease

in the volumetric percentage of CH4 is expected due to the fact that the residential time

of the gas mixture in the reactor increases and therefore the reaction time is reduced. The

model estimates a CH4 volumetric percentage of 69.84, 52.6, 42.12 and 36.6 for the four

variations of the inlet volumetric flow which corresponds to an absolute error of 4, 0.8, 1.6

and 0.03 between the estimated and measured data. Moreover, the equilibrium volumetric
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percentage of CH4 (90.63) for the specified temperature and pressure conditions was not

reached by the reactor during the experiments, the possible reasons are discussed in chapter

6.
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6 Discussion

A mathematical model consisting of partial differential equations which describe the per-

formance of a micro-channel Sabatier reactor was programmed in Matlab-Simulink. In

order to compare the estimated and measured data, the Sabatier reactor was operated at

350 �C, 15 bar and four inlet volumetric flows were considered for the experiments (0.25,

0.50, 0.75 and 1.0 Nm3/h), an inlet gas composition of 4:1 regarding H2/CO2 and 1:1

regarding CO2/CH4 was set by the mass flow controllers of the lab-scale PtG plant, the

product gas was sent to SGS INSTITUT FRESENIUS GmbH for its analysis. The highest

volumetric percentage of CH4 was achieved at an inlet volumetric flow of 0.25 Nm3/h and

corresponded to 75.6% which means that equilibrium values for these experimental condi-

tions were not reached. Additional experimental runs were carried out in the lab in order

to determine the kinetic parameters A, Ea and n. Values of 0.1975 x 1015 hr-1 atm-1.6 for

A, 74567 btu/lb mol CO2 for Ea and 0.52 for n were found, Lunde and Kester [114] found

lower values for Ea, A and n (30320 btu/lb mol, 0.1769 x 1010 hr-1 atm-0.125 and 0.225).

The mathematical model described well the dependency of the outlet volumetric percent-

ages of the gas components in regard to temperature, pressure and inlet volumetric flow.

During the simulations, it was observed that for some segments the sum of the mass frac-

tions do not sum to one. The same issue was reported by Kee et al. [112] when it was

discussed that the mixture formulas are approximations and that there is no constrain

which ensures that the net species diffusion flux is zero. Consequently the use of equation

(3.35) may lead to some nonconservation. Additionally, Kee et al. [112] explained that the

resolution of the conservation problem requires detailed knowledge of the specific problem,

discretisation method and that no generic solution can be given. It also is important to

mention that further calibration of the mathematical model which considers more operat-

ing points i.e. different temperatures, pressures and volumetric flows needs to be carried

out in order to have better estimates of the reactor performance.
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6. Discussion

Finally, during the experiments a decrease in the volumetric percentage of CH4 was ob-

served throughout the time. A post mortem analysis will be carried out at Fraunhofer-

Institut ICT-IMM in order to determine whether catalyst deactivation took place; if it

is the case, the exact deactivation mechanism will be identified and the catalyst will be

reactivated to regain nominal capacity of the Sabatier reactor.
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7 Appendix

Graphical representation of the PtG-plant

Figure 7.1: PtG lab-scale plant. Source: Fraunhofer IEE
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Experimental conditions for the determination of Ea and A

Figure 7.3: Experimental conditions and outlet partial pressures of the gas components
used for the determination of Ea.

111



Appendix

Figure 7.4: Experimental conditions and outlet partial pressures of the gas components
used for the determination of the pre-exponential Arrhenius factor A.
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Figure 7.5: Y vs the inverse of the reactor temperature. Comparison between the values
found by Lunde and Kester and the values found experimentally in the lab.
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Figure 7.6: Values of the activation energy Ea and the pre-exponential Arrhenius factor A
vs n.
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The scope of this dissertation is the development of a state observer for Power- 
to-Gas (PtG) plants. A physical performance model of an innovative reactor concept 
for different operation conditions has been developed and implemented in Matlab-
Simulink. Experiments in a lab-scale PtG plant are used to validate the model; a com-
parison between the experimental and modelled data is presented. The experiments 
cover a wide temperature range, different operating pressures and inlet volumetric 

ows. Furthermore, experimental runs are carried out to determine the experimental 
value of the kinetic parameters, namely the activation energy (Ea), the pre-exponenti-
al factor of the Arrhenius form (A) and an empirical coef cient (n). The state observer 
predicts the performance of the reactor for a speci c operating point and allows to 
identify a decrease of the reactor performance, such an identi cation of a system 
state leads to  maintenance or modi cations in the operating control.
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